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by
Germain Joseph Maguet
April 1965
ABSTRACT
The convective heat transfer inside a tube has be.en Investigated for

conditions varying from laminar to turbulent flow; over a Reynolds Number
range from 1,164 to 135, 900. Thirty-six tests were carried out in an ap-
paratus which consisted of an inner pipe surrounded by an outer pipe
through which water Wwas passed for cooling purposes. The experimental
work for this thesis was carried out during the 1958 - 59 academic year.
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pPpendix contains the tabulated results and plotted curves
waich were based on a surface coefficient hy for water in the annulus of
500 BTU/hr/ftz/oF. It was finally established that the value of hy, should
have been in the order of 50 BTU/hr/ftZ/OF. When the test results were
rep.otted based on the corrected hy, they were found to agree closely

with that of other observers.

Results for the average heat transfer coefficient at laminar flow
conditions were inconclusive due to the small number of tests carried
out at low flow conditions: At turbulent flow conditions; the results ob-
taeined by Sieder and Tate (Reference 1 in the thesis);

The local heat transfer coefficient along the tube was found to be
large at the tube inlet, decreasing rapidly in the direction of flow for a

length of five diameters, then decreasing slowly over the remaining length.
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NOMENCLATURE

LATIN LETTERS
area
constant
specific heat at constant pressure

skin friction coefficient ~

‘heat transfer factor

diameter or characteristic length

ratio of momentum to heat diffusivity
degrees Fahrenheit, also Martinelli factoxl'
friction coefficienf for flow through a tube
mass velocity

acceleration of gravity

he"at transfer coefficient

local heat transfer coefficient

average or mean heat transfer coefficient
mechanical equivalent of heat, heat iransfer _factor
thermal conductivity

natural logarithm

length

critical length

heat flow per unit time

radius of pipe




"

v, z

(alpha)

(Delta)

(delta)

degrees Rankine

temperature

surf-acg or wall temperature
bulk temperature

avverage or mean temperature
temperature at centre of pipe
main stream temperature
velocif:y components

mean velocity

free stream velocit';r

overall heat trgnsfex; coefficient
velocity

.flow réte » weight density
distance frdm tube inlet

coordinate axes e

GREEK LETTERS

‘thermal diffusivity

incremental or difference sign

A t, temperature difference

. boundary layer thickness

8t» turbulent boundary layer thickness

8 b, laminar sublayer thickness

xii




€ (epsilon) € ,,, eddy diffusivity for momentum

H (mu)

v (nu)
p (zho)
o (sigma)

7 (tau)

€ g, eddy diffusivity for heat
dynamic viscosity
H B at bulk fluid temperature

/u £, at film temperature

kinematic viscosity

density
shear stress

transmissivity

DIMENSIONLESS NUMBERS
Reynolds Number

Prandtl Number

. Nusselt Number

P&clet Number
Stanton Numb er

Graetz Number

xiii




INTRODUCTION

The science of heat transfer which deals with the rates of
exchange of heat between bodies of different temp.eratures is very
complex. Theoretical analyses are still limited and a great deal
of experimentation and research is still necessary to fuily evaluate
all aspects of a particular problem;

. Tubes and pipes are frequently used for the transmission of
liquids and gases from one location to another and as heat exchanger
surfaces, consequently, the heat transfer characteristics for tubes
is of great importance to the designer of heat exchange equipment,
The effect of the tube entrance conditions on the overall heat
transfer characteristic along the tube length is an importa;nt phase
in the study Qf heat transfer in tubes, In tubular heat exchangers
designed to transfer large quantities of heat from low viscosity
fluids flowing in tubes, the tubes may be of such a length and turbu-
lent flow develop so quickly that the entrance effect is negligible,
For highly viscous fluids such as oil, the tube length necessary for
the full development of the hydrodynamic and thermal boundary
layers may be so long that it may never be attained in a particul;r
héat exchanger,

This thesis is an analysis of heat transfer in tubes subs-

tantiated by experimental work to determine the local and average .




heat transfer coefficients when using air as the flowing medium. The
development of the hydrodynamic and thérmal boundary layers in tubesi‘ _
is analysed to determine the relationship between the two,

The local heat transfer coefficient varies along the tube
from a high value at the inlet, to a conétant value after the flow has
become fully developed. The average heat transfer coefficient over
anyvportion of the tube likewise decreases in the direction of flow,

"The hydrodynamic boundary layer becomes fully developed

_at Reynolds Numbers, based on tube diameter, between 2,500 and ‘.."}

3,500 depending on the surface conditions and tube length to diameter
ratio, The development of the thermal boundary layer is related to
the hydrodynamic layer but the relationship is dependent upon the

heat flux and the thermal properties of the fluid.,




PART ONE

THEORETICAL AND EMPIRICAL ANALYSES

THEORETICAL ANALYSES

MODES OF HEAT TRANSFER

The theory of heat transfer may be subdivided into three
main categories, each of which represents a method by which heat
is transferred.

The three methods are commonly referred to as: radiation,
conduction and convection. As the net heat transfer in most
applications occurs by a combination of two or three of these
methods_, awbrief description of each method will be made here,
};owever, the quy of the thesis will deal only with the convective
method of heat transfer.

Radiation consists of energy transfer from one body to
another by the flow of electromagnetic waves.

Conduction .]'a,kob1 has two definitions for conduction.

Considered from an atomistic viewpoint, conduction is due
to the elastic impacts of molecules in gases, to longitudinal os-
cillations in solid nonconductors of electricity and to the motion
of electrons in metals.

Considered from. a phenomenoclogical point of view, it
means the exchange of heat between contiguous bodies or parts

of a body which are at a different temperature.

The following fundamental conduction equation is attributed




to Fourierz:
| = - KA dt/dx (1)
where = thermal conduétivity - BTU/hr/ft/OF
= area - ft2

dt/dx = temperature gradient in direction of flow
dt ¥ temperature differential in length dx,

The thermal conductivity "K' is a pProperty of the substance,which
varies with temperatufe for a given 'medium. In most gases, liquids
and homogeneous solids, "K' varies approximately as a linear
relation with temperature over a moderate temperature range,

Convection®is the transfer of energy by actual pPhysical
rﬁovement, f:rorn one location to another of a substance in which
energy .is stored., It follows,that any method of increasing the rate
of mixing will correspondingly increase the rate ofk convective
heat transfer, The mixing may occur due to free convection. as
hot air rising in a room, or,it may be forced by causing a fluid
ta flow over a surfé.ce or through a tube. |

Heat flow by convection from one medium to another can

be determined from the following relation developed by Newton?:




where AT = Difference in temperature between the medium and
. o
the surface - "F
A = Area of the surface - ftz
h = Convective heat transfer coefficient BTU/hr/ftZIOF
which is described in the next section.

CONVECTIVE HEAT TRANSFER
'~ COEFFICIENT

Newton's law of cooling, represented by the equation:

Q = hA (tsurface - tf}uid) .............. freeereaan (3)
is useful in defining '""h" as a measure “of the convective capacity
of the flowing fluid. Noting that the units for "h" are BTU/hr/
ftZ/OF it can be seen that they differ from units of "K' only by a
length factor.

Re-writing the basic conduction equation (1) as
Q=KA tg5 - t, where ts - t, is the temperature differen-

. L
tial in length ""L'" and, comparing it to Newton's cooling law,

Equation (4) points out the similarity between "h'"' and "K',




Q =hA(tS "too)=KA ts "tgo ocooovo-ooooocooooooaoo(4’)

where t, = surface temperatureL- OF
to= éluid temperature °F at distance "L"
from the surface

K = thermal conductivity of the fluid - BTU/hr/ft/°F ,

It is apparent that if an appropriate value of "L" were
used, t.he heat tranfer could be considered as occurring by
conduction with "h" equal to K/L. This points out that the heat
flow through a very thin layer of fiuid near a wall occurs by con-
duction. It is difficult to determine the thickness of this layer.
For the wall shown in Figure 1, having akthe_rrnal bounda-ry layer
" & ", the slope of the temperature pr;file in the fluid at the wall
is (dt/dx)g, then: |

Q= hA (tg =ty ) = KA (dt/AX)5 eevenranneesseeessa(5)

therefore:

h= —K(dt/dx)s neoouooo-t--oo.oaf.’coooeoo.o..ooooo(é)

‘Then, for constant tg and t, , h is a function of (dt/dx)s,_ which is

the slope of the temperature gradient at the surface,




— a=-kA(S%) =halt-1,)

(% )e

GRADIENT = 0
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~——THERMAL BOUNDARY LAYER~- §

FIGURE 1
PHYSICAL INTERPRETATION OF THE
HEAT TRANSFER COEFFICIENT

From the above considerations, another defihition of
convection can be formulated which describes conx}eétion3 as
""a combination of mechanical and thermal flow, namely, the
transportation of heat energy by relatively large masses of the
fluid in which molecular transportation (heat conduction) is
included'.

HYDRODYNAMIC BOUNDARY LAYER EQUATION
FOR LAMINAR FLOW
A hydrodynamic or velocity boundary layer may be

described as a region around a'body where a velocity field is




disturbed. To illustrate the boundary layer, consider an unbounded
incompressible viscous fluid flowing with uniform velocity over

a thin flat plate. As the fluid passes over the leading edge of

the plate, the friction between the surface and the laygr of fluid
adjacent to it theoretically brings the layer to rest, Viscous

forces between this layer and adjacent layers of fluid reduce their
velocities in successive stages. A plot of the velocities of these
layers yields the shape‘ of curve shown in Figure 2, The portions:
of the fluid in which the friction and viscous forces are controlling

the velocity, are known as the hydrodynamic boundary layer,
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FIGURE 2

THE VELOCITY AND TEMPERATURE DISTRIBUTIONS IN .
A LAMINAR BOUNDARY LAYER ALONG A FLAT PLATE




To determine the differential équations which apply to this
system, consider a unit width of the plate outlined in Figure 2,
taken somewhere near its centre, to elimiﬁate any side effects,
A momentum, energy and mass balance for the small parallele—
AY x 1) shown in F1gu1je 3 enables

piped-shaped volume ( A X x

a theoretical analysis,

: (3y)ay
24 (v+ Ay) 4_(,‘
{3+ :
au }

o]
Y -5— Ay}Ax

T
L

—_—

FIGURE 3

VELOCITY' CHANGES AND VISCOUS FORCES ACTING
ON ELEMENTAL VOLUME FROM FIGURE 2 '

Since viscous and inertia forces are the most significant in the
boundary layer, the pressure forces can be neglected as they are
of second ord;r of magnitude. Pertinent quantities are shown in-

two dimensions in Figure 3, Equating the mo mentum change

per unit time to the forces acting in the X-direction yields

u au V au — Vazu G.l..'.0.0.0..0“.90090‘(7)

-+ =
ox Ay ay2
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which is a two dimensional equa’cion of motion for the

hydrodynamic boundary layer for laminar flow,
THERMAL BOUNDARY LAYER EQUATION
‘ FOR LAMINAR FLOW

The thermal boundary layer may be described as a region
around a body where a temperature field builds up if the body is
being .heated or cooled. The diagram in Figure 2 illustrates
the thermal boundary lha.yer in comparison to the hydrodynamic
boundary layer Previously referred to., If the two 1ayersv are of
the same thicknesAs, the temperature and velocity distributions
may be similar, each increasing from zero at the plate to free
stream conditions at the upper limit of the boundary layer.

An equation for the thermal boundary layer can be developed
with the aid of Figure 4, which shows the energy quantities enter-
ing ahd leaving the elemental volume of Figure 2. As the rete of
temperature change in the X-direction is emall, it is neglected
as a first app roximationf, Since the temperature in the system
varies only with location and not with time, all energy quantities

entering the volume must equal zZero,
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v

[
61‘ 2,8t o
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S
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—— ] // _______
ubywept /// rvAchp'r
//
. A P .///
y L , I
L . ,'/'/:kA'(%;;) /
D s it
— - ( ) Axdy = work done by
: element in over-
coming viscous
drag
FIGURE 4

ENERGY QUANTITIES ENTERING AND LEAVING
ELEMENTAL VOLUME IN FIGURE 2 -
Combining above with the fact that a mass balance across the -
element equals zero, leads to the thermal boundary layer

equation:

"‘u’,0t+v 2t _ K a2t+ S Lau\z
2x dy WCp' oyz JWCp \ay‘/

In order to evaluate the temperature field in the boundary
layer, a case similar to the above is considered with relatively

low free stream velocity and with a small temperature diff-
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erence beitween plate and free stream. For the above conditions

the effect of frictional heat generated, expressed by the term

2
n( oul/ ay)/WCpJ can be neglected and Equation (8) simpli-
fies to:

u 2t + vot = chalt N )}
- 0% oy 2v° '

where K/WCP is replaced by the thermal diffusivity, o( .

For & = 2/ Equation (9) is identical to Equation (7) with g
replacing '""u'", it follows then, that for such a case, the tempera-
ture and velocity distribution wéuld be identical. This result has
practical significance since for gases "' is approximately
equalto "2/ ''; it follows that the difference between tempera-
ture é,nd velocity profiles will increase as the ratio 2// ol
differs from unity. The ratio 2//ol recognized as }J./K/CP
is'an important dimensionless parameter containing the rela-
tive thermal propertieé of a fluid and is known as the Prandtl

Number or modulus:

NPr = Vld’ = }1Cp/Kooo’oooc.-ooeﬂo‘ooooc-oc‘('].o)
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SOLUTION OF BOUNDARY LAYER EQUATION
FOR LAMINAR FLOW IN TUBES

When a liquid or gas flows through a tube, the tube wali |
is heated or cooled - causing a thermal boundary layer to build
up along the tube walls. The boundary layers become thicker
up to a certain vpoint whé;‘e they meet on the axis at a certain
distance from the starting cross section. The length of tubé
over Which the thermal-boundary layer is building up is known
as the entrance regi on; a;Etef this distance along the tube,
the flow is said to be fully developed for which the velocity
profile has the shape of a parabola, This flow condition is»
usually referred to as Poiseuille flow.

The heat transfer to the walls of a tube under conditions'
of Poiseuille flow has been calculated by Gr'a'.tz, Callendar and
Nusselt by a éolution of differential equations. The energy
equation was derived from an energy balance on a ring-shaped
volume element of length ' dx", radius " r " and width ''dz"
located in thé flow concentrically with respect to the tube axis,
An account of the.heat transported by conduction 'and convec-
tion in the radial di;'ection for the case of constant heat flow
at the wall, results in the following expression for the temperature

profile:.
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: = t - = 2 ,PC, u »RZ ot
jod m —_—
K ox

_1_(3_3 SRS S
4 \ R 16 \ R’/ 16 Jeeeeniiiniiiiins (1)

For fully developed flow, the temperature profile is the same

at any station '"x" and the heat transfer coefficient is deter-
mined by the temperature gradient at the wall. ' From the above

equation, exact solutions are obtained for the Nusselt Number

based on the local difference between wall temperatﬁre and

fluid bulk temperature:

NNudA = 4.36 for a constant heat rate . (12)
and
N

Nua

Eckert has developed an approximate solution for fully deve-

3.65 for a constant wall temperature..... (13)

loped laminar flow conditions, this solution is expressed as: |
N, = 402 ceiiiiieiieieeiraecnaan. eeeee.. (14
Equation (14) gives results 6 per cent smaller than Equation (12),

and 13 per cent larger than Equation (13).

The above solutions are developed for constant proper- ‘
ty conditions, and consequently.:differ somewhat from test = o

results of various observers, as most tests in the laminar flow

range are carried out using high viscosity liquids. As the

viscosity varies with temperature, the velocity profile is changed,
thus affecting the tem'perature profile and the heat transfer

characteristics.



LAMINAR AND TURBULENT FLOW IN TUBES

Osborne Reynolds proved in 1883 that therefarehbasically
two different forms of flow, namely, laminar and turbulent. In
l.aminar flow the individual sireamlines run in an orderly manner
side by side, while in turbulent flow the streamlines are inter-

- woven with each other in an irregular manner.

in going from laminar to turbulent flow conditions, | the
medium goes through a transition zone, in which the‘particles
of the flowing fluid start oscillating and eventually become
irregular in shape é.nd transform into vortices which are
characteristic of turbulent flow.

As air flows over a flat plate as shown in Figﬁre 5, a
boundary' layer forms at the leading edge. .Its thickness
increases towards the rear and at a certain distance Lc
from the leading edge, the flow within the boundary layer wﬁich
at first is laminar c.h,anges to turbulent. Within the turbulent
boundary layer there still exists a thin laminar film of
thickness ' §4'" next to the surface as shown in Figure 5.

This film thickl"less was found to vary from 0.028, to.

0.00005 8tu’ where g u is the thickness of the fully deve-

loped turbulent boundary layer.

15
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The distance Lc decreases as the velocity " u " is
increased such that the product u,, Lc remains unchanged.
Reynolds discovered that the change from laminar to

turbulent flow takes place at a critical value of the dimen-

sionless term u, Lc/zs  which is referred to as the
Reynolds Number or modulus. Factors such as roughness,

shape of leading edge of plate and presenée of a turbulence

-

grid in the fluid stream all tend to lower the value of the

critical Reynolds Number,

TRANSITION
ZONE

/(/ I {80

! Le

FIGURE 5

- LAMINAR AND TURBULENT LAYERS
ON A FLAT PLATE

The flow conditions in a pipe at the vicinity of the inlet are

_similar to the conditions for flow over a plate in parallel flow.

_As shox&n in Figure 6, the boundary layer increases from zero
thickness at the inlet, to a maximum value at some distance Lc

down the pipe at which point the boundary layers become so thick
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that they make contact with each other,

Depending on whether the boundary layers are laminar or
turbulent, the velocity profile after this length ""Lcn ‘will
approach the form of either a parabola or an arched curve as
shown in Figure 6. The velocity profile further downstream
from this point does not change, thus, the flow is then referred
to as f}llly developed. As in the case of the flat pate the flow
becomes turbulent if the Reynolds Number (NRec ) exceeds a
certain critical value, For flow in smooth tubes, this critical
value is usuallAy taken at about 2300, but depending on conditions
such as roughness and degree of agitation, this value may change

considerably.

=\1'urbulen1'

o a——

1 -
L—laminar
J

!
FIGURE 6

FLOW IN A TUBE NEAR INLET

Various methods have been used to determine the
.critical value of N{Re‘-C » all of which agree quite closely, as-

shown in Table I,
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TABLE I

CRITICAL REYNOLDS NUMBER Ng,_ FOR SMOOTH
CIRCULAR PIPES DETERMINED BY DIFFERENT
METHODS OF OBSERVATION?

METHOD | CRITICAL VALUE OF NRe,
Pipe friction Between 2,100 and 2, 300
Color Band Above 2’.000

Stethoscope . Between 1, 890 and 2,130
Motion of Coloidal ‘ Betweven 2,000 and 3,700
particle

THEORETICAL METHODS APPLIED TO
TURBULENT FLOW REGION IN TUBES

Investigation of the velocity distribution in pipes during

turbulent flow conditions indicate the presence of three
distinct zones, a laminar sublayer, a buffer‘layeri, and a
turbulent core. Due to different characteristics of each
regidn, the heat resistance by each layer must be calculated
separately. Equating the heat flows through the various
boundary layers, é,nd usingl shear stress and velocity ratio

relations, enables the development of Equation (15)



Ng = h = 0.0384 (Np_ ) 1/4
£ Cpu L+ A (Nge ) ~H® (Npp-1)...(15)

where A is giveh by ' Hoffman as A = 1.5 Np, -1/6,
The left hand side of Equation (15) consists of a dimensionless
parémeter known as the Stanfon Number which is often used to
correlate experimental data, since it can be evaluated without
determination of physical properties.

Equation v(15)' was developed for constant property values.
Hoffma;lv-investigated the influence of the variability of the

property values on heat transfer, and found that Equation (15)

holds true when the property values are inserted at a reference

temperature t° where:
tt = tg - 0.1 Np. + 40 (tg = t) cevienn..(16)"
Npy + 72 '

The reference temperature is a function of Npp only, and "
consequently_ must be considered as a first approximation, as
it must be expected that the heat transfer in: fluids with variable
properties will depend on how the properties vary with-temper.a-
ture aﬁd pressure.

Another solution may be developed by considering the fluid .
flow in the pipe as laminar at the wall, and being vsubject to an
irregular eddying type motion within thé centre of the tube. It
is useful to define an eddy viscos;ty or eddy diffusivity foi' 'mo-"v

mentum é m ‘by:




du
Tt =ﬂ€m dY oooaoooo'oco.'o0000:00000!0(17)

Similarly, an expression for turbulent diffusivity of heat may
be defined as:‘
...O...l.....0...."0..'..'.(1‘8)

Q& =-£Cp éq At

oy
From expressions for ¢ m in the laminar sublayer, the buffer

layer and the turhulent core, and the definition €q=E€m
the following expression for the temperature drop between

pipe surface and centre was developed by Giedt 2:

tg - te= 5Qq '

ECPW A, Ve /7

[_ENPr + Ln (1+ 5ENp,) + 0.5 Ln Ng, f], (
19)

60 8

'The three terms in the brackets of E‘quati.on (19) cap,be
considered as indicating the proportionate resistance of the
three fluid 1ayers'.. Equations for the dimensionless tempe-
rature distribution in any layer may be obtained by taking the
ratio of the thermal resistance from thé‘wall to any point
'y!', to the total resistaﬁce. For the laminar sublayér this‘
becomes:‘

tg-te ~

ENpy + Ln (1+ 5E Np,) + 0.5 Ln N, Vg(zo_)
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Differenfiation of Equation (20) and accounting for the
influence of molecular conduction in the turbulent core by

' iﬁcluding the factor "F", yields the following relation for the
Stanton Number:

Nsi; = E f/8 (Vt‘s -t

tS - tC)

5 [ENPr +Ln ( 1+ 5ENps) + 0.5 F Ln NReV_?_] (21)
60 '8

LOCAL AND AVERAGE HEAT TRANSFER COEFFICIENTS

The heat transfer coefficiehf was defined in a previous
section as a measure of .the convective capacity Aof the
flowing fluid, and was defined f01{ the flat plate éysteﬁl
by Equation (6)

h = K (dt) Y 7'

ts ftm dx/s
where:n (dt/dx)s= the slope of the temperature gradient at the
P ‘surface
tg =t = _temperature‘ differen‘c.e‘ between the.plate
surface- and surrounding media,
The abo'\;'e relation can be used 'to define two heat transfer .
coefficients, one, a local ‘coefﬁc\ien‘c denofed by hx and

the other, an average coefficient denoted by hy. For flow

_in tubes the local coefficient h, is a measure of the lieat.



transfer brate at a specific distance "x'" from the {:ube inlet,
while the average coéfficient h, represents an average heat
transfer rate over the tube length "L,

The local heat transfer coefficient mair be defingci in
terms of the difference between the wall temperature tg 4
and the mean fluid temperature t_, at that point, i.e.:

0 (x) = hy (ts-tyy) =-K(_2_‘c

'A' ar)rl’Xuoooouoonooacoaoooo(zz)

where t . = 1 1 Ut 277 drveeienncessons (23)
Um 77‘1‘12 o

The average heat transfer coefficient h, over a length

"L" can be defined by the relation:

Q =h, A(tg-ty) BTU/hTiiieeeeerenennnnn.. (24)

where: tg and t,, are average surface temperature and ave-
rage fluid temperature respectivély ove;r a length "L", The
average heat transfé”i' coefficient canalso be defined as the
average of the local heat transfer coefficient over the

length "L'" i.e.:

L

,'ha =1 [ hxd-x...........‘............"'ﬁ.'l(25)
: : o o ' .

L -
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As the temperature distribution varies along the pipe
length, it follows that.the local "h, ", which varies a‘s.lthe
slope of the temperature gradient at the wall, will vary
along the tube length until the temperature distributiqn has
become ‘fully established, and will then re.main constant,

The average "h_" will likewise vary along the tube length
from'a high value near the tube inlet, then decrease along the
tube length to an almost constant value after the flow has

become fully developed,

From the definition of the heat transfer coefficient, as '

the slope of the temperature distribution at the surface, it is
possible to define a dimensionless heat transfer coefficient

by the relation hD/K, where

h = the local heat transfer coefficient ""h_"

' or the average heat transfer coefficient "ha” '
D = the inside diameter of the tube - ft,
K = the thermal conductivity of the fluid,

The term hD represents the dimensionless slope of the
K
temperature distribution at the surface, and is usually

referred to as the dimensionless heat transfer coefficient,

and known as the Nusselt Number or Modulus.
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Depending on whether the local or the average heat transfer
~coefficient is used; the corresponding term will yield the .

local or average Nusselt Number respectively.




SEMI-EMPIRICAL ANALYSES AND DESIGN PRACTICES
DIMENSIONAL ANALYSES

Dimensional Analyses yield a possible form of solution
to a process by relating all the physical properties in-
volved, (through their dimensions), and grouping these factoi‘é'
into dimensionless combinations. This syst‘erx‘l has been used
to establish the correlation between various ‘dimensionless
factors and the heat traﬁsfer coefficient "h'" for forced
convection conditions. This method gives the following
resulti:

h = B Np® Np,® K/L civiniiiiiiinennnnn...(26)
where a, B and c are parameters which can readily be eva-
luated by experimentv. Equation (26) may be rewritten in the
‘form:

L = B R N €1 £

K
-~ which is a General Equation for Forced Convection. The
term hL can be recognized as the Nusselt Number, defined in
the pre\Ir{ious section, with "L" the characteristic length re-
placing ""D",

Equation (27) can be rewritten as:

Nyu = £ (Ne Np,) = HNp ) cevenininiiiinin.. (28)
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where the product of NRe and NPr yields a further dimensionless
number NPe known as the P&clet Number which is denoted by

N.

Pe= DGCP/KQQCQQo.nooooooo.loo.otli.‘ao..ol.loooo(zg)

A further combination of dimensionless numbers yields
the following relation for the Stanton Number NSt:

NSt: NNu = h o-oo..t..u.oo.oo.tnnooo(3o)

NRe Npy CpG

which is a very useful'dimensionless number often used for

" correlating tesf data,

The Graetz Number, NGz = W Cp/Kx is another useful

dimensionless number developed from dimensional analysis.
REYNOLDS ANALOGY

In 1874, Reynolds pointed out that a relationship exis-
ted between heat transfer and pressure drop. He later deve-
loped an expression for fluids having a Prandtl Number of
- unity from the knowle;dge that for this cése, the velocity and
temperature profiles ar‘é identical. Reynolds c_onclﬁded that
for. the above noted case, the Stanton Nurynber equals one half éhe
skiﬁ f;iction coefficient, i.e.. |

NSt = Cf/Zo?o.000.430-.00000000000-0‘0.o‘o"utcoo.ﬁo0'090.0(31)
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Equation (31) is usually referred to asv‘"Reynolds Analogy'.

Further studies on fluids having Prandtl Numbers other
than unity have revealed that the relation between the Stantén
Number and the skin friction coefficient is approximately
expressed by the equation: |

2/3

Ngt Npg o PR € 7)

Equation (32) represents the General Form of Reynolds Analogy.
FORMULAE USED FOR LAMINAR FLOW INSIDE TUBES

This section shall be devoted to the listing of possible
methods of solution to a problem involving forced convection -
for laminar flow inside tubes. The formulae in common
usage shall be discussed together with any limitatiorfs which
apply to them.

The following semli-/empirical formula by Hausen6 |
representing the average Nusselt Number, is in common

usage

N = h,D = 3.65 + 0.068(D/L)Ng, Np,

K 1+ 0.04 [(D/L) Ny, Npr]zlz’ (33)

This formula, applies only for uniform wall temperatures and
fully developed flow, and is restricted to constant physical

properties of the fluid, i.e., to small temperature differences or
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low heat flux.

For large temperature differences, the change in viscosity
of the flowing media affects the velocity profile and, therefore,
the heat transfer rate. Equation (33) can be applied to larger
temperature differences if the right hand side of the equation is

iplied b 0.14 . . . fluid
multiplied by ("lblp‘w) where py 1s' the viscosity at the flui
bulk temperature and P the viscosity at the wall tempera-
ture.
. 1 .

Sieder and Tate have correlated convection data for
laminar flow conditions and have accoun;ted for the influence of

temperature on viscosity and, therefore, on flow pattern and heat

transfer in the following empirical formula for the average NNua"

1/3

S

Npy,= 1-86 (Npo) (D/L)1/3( a)0°-14, e (34)
where "'s'" and ''a" refer to surface temperature and arithmetic
‘mean of thé fluid temperature t, = (t5 + t;) respectively and
where t, and t;, are the entering and leaving temperatures.

- Equation (34) can also be Written as

Ny = 186 3}/_5—:7 (NGZ)1’3(/13_)°’14.....;.,,,,. (35)
_ : -

where

NGz o= WCE = 41,
KL D ' NRe,NPr .
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is the Graetz Number which is a useful dimensionless number
in the study of convection under laminar flow. Equations (34)
and (35) are limited to tubes with small diameters where the
effects of natural convection are minimized.

It has been found in reviewing published literature that
experimental data for the laminar flow of gases are rather
scarce: Kays and Nicoll7 suggest that this may be due to the
numerous problems in c;btaining accurate résults for the low
gas flowsvcorresponding to laminar conditions..

As the rate of heat transfer for gases in the laminar
flow region ié generally lovv,L small una.ccountable heat leaks
become significant and lead to high inaccuracies in the test re-
sults. High ‘temperature differentials are developed at low
x;elocities corre‘sponding to laminar flow, consequently, natural
convection can have serious effects on the shape of the velocity
profile. Rosen, Hanratty, Scheele et a18. _claim that for
their experiments in the NRe' range from 35(‘). to 640, natural
convection accounted for 20 - 30% scatter frequency in their

results.
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METHODS OF DETERMINING THE TRANSITION REGION

The transition region lies between the end of the laminar

- flow region and the start of a region of weli developed turbulent flow.
- The Reynolds Number NRe corresponding to the lower limit of the
transition zone in a tube is normally taken at about 2, 300. ~The up-
per limit of the transition is generally taken at about Npe of 6,000,

but can, depending on conditions, be as high as N of 10, 000,

Re

Figures 7 (a) and (b) show the different velocity distribu-
tions in a pipe, for fluid flow under laminar and turbulent flow con-
ditions respectively. In these illustrations, "V" is the average ve-
locity of the flowing fluid and ”Vmax” is the maximum welocity at

the pipe cross-section.

)
2 -
4 2
’fl It
iy g
/] 1]
>z
V/Vimax = 0.5 V/Vmax = 0.8+
(a) Laminar Motion (b) Turbulent Motion
FIGURE 7

VELOCITY DISTRIBUTION IN A PIPE
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FIGURE 8

RELATION BE TWEEN VELOCITY DISTRIBUTION AND
REYNOLDS NUMBER

Figure 8 shows that up to N o of 2,100,V/Vmax is 0.5

R
. while in the range of NRe from 2,100 to 3,000, V/Vmax ris‘es

sharply from 0.5 to 0._726 and thereafter increases slowly as

Reynolds Number is increased.

The term tra.nsitiqn region may also be applied to that
section in the tube entrance region where the laminar flow
boundary layer on the inner wall has increased in thickness
until the boundary layers meet at the centre of the tube.

" When the boundary layers fill the tube, the flow is said to be

fully developed,

31
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It has been found by a number of observefs, that the length .
L. from the tube inlet at which the flow becomes fully developed, is
a function of the Reynolds Number and the type of entry condition .
-For a bell-mouthed entry, Latzko® predicts that for turbulent flow

conditions, the length L. can be determined from the relation:

" Lg/D= 0.693 Npe 14 oiiiiiiiiiiiii e (36),

Under laminar flow conditions, Lahgharrz gives the length L . by:
R P € X
‘It is useful to relate the variation in velocity and tempera-
ture profiles in the tube entrance region to thé heat transfer rate in
this region. Figure 9 illustrates that the local ;Nusselt Number Nynuy
varies along the tube entrance region up to a cerfaiﬁ distance from

the tube inlet, after which it remains constant.

100 — l
[ i = UNIFORM WALL TEMPERATURE INCREASE
~ 2 # CONSTANT HEAT RATE
\ 3 = UNIFORM WALL TEMPERATURE
2
f)
& Sy
" E <
L
f E T —_—
2. P~ ‘
: P L Lt tinn (R R EER
0.000! ’ 0.001 0.0l ‘ Q. o -

I .
x/D /NRc NPr.

. FIGURE 9

- VARIATION OF THE LOCAL NUSSELT NUMBER
- FOR FULLY DEVELOPED LAMINAR FLOW IN A TUBE :




33

It can be noted from Figure 9 that the constant value of the
local Nysselt Number NNux is 3.65 for‘ a uniform wall temperature.
For a constant heat rate, or a uniform increase in wall temperature
'Gi‘edtz gives 4.36 as the constant value for the local Nusselt Number.

~According tq Fig‘ure 9, the lo.cal Nusselt Numbgr NNux ) bécomes

constant when

X 4 1 = 0,05 Thus, the
D NRe Np;

length L in which the temperature distribution is changing can be .
estimated by:

I‘_iC. = 0.05 NRe NPro-nno.oooo-o'ooc-o.oo.o.o(38) .
D : _ .

A comparison of Equations (37) and (38) shows that they

differ only by Np,. Thus, for fluids with small Np,, the thermal

transition length is short as compared to the velocity transition length, -

. while the cpnverse is true for filtzids having large NP1.'°’ For NPr of

_ pnity the velocity and thermal tré.nsition lengths are identical as pre-
. viously suggested. From the behaviour of the l‘ocal NNuy ’al’ong the
tube éntfance length, and t.h‘e relation between hx and NNux it follows
that the local hy will also reach a constant value at the length Le.

Equation (36) gave the distance L for a bell-mouthed entry

“and turbulent flow conditions as: L. = D x 0.693 NRell4. For lengths,

. other than the critical length predicted in Equation (36) the mean heat
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 transfer coefficient hy (from L of 0 to L) may be calculated for tur-
bulent flow conditions from the following relations, where ho, is

the local heat transfer coefficient at the critical length L.

' 1/5 0.275
h 1.11 (DG /) ceceeecssas(39)
T [(L/D)g‘” ] »

hm = 1+ CD oooo'-o-ooooooo‘ao-ci_Joo-..o-'(40)
he L .

0.
hm = 1+(DIL) 7..0...............0000....(41)
he

Equation (39)’was deyeloped by Latzk05 and applieé to
lengths less: than thé critical length L. Recent data by Boelter,
Young and Iverson has substantiated this equation. | .

Equation (40) was aiso .developed by Latzko and applies to
lengths greater than the critical léngth L¢.  The value of C in Equation
(40) is r,epresénted bsr: |

c=0.144 DG/ oo 42)

- From recent data for a bell-mouthed entry, for NRe from 26,000 fo |
56,000 Boelter, Young and Iverson_slfoun(.i a value of C=1.4.

Equation (41) is recommended by Kr0115 for sharp edged
entrances and for gases under turbule"nt flow for L/D up to 60. f‘or
L/D greater than 60, Kr§11 claims that the ratio hy, /h,, approaches
l,mityo , . e

Equation (43) was developed for air in tubes by Ermolin’,

he states that for L/D values less than orrequal to 40: iy
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NNy, = 0.0145 Npe 083 np 0% 14k Dyy)..... (3
where K, for x/D greater tha:ll or equal to 5, is dependent on NRe:
and for x/D less than 5, the local NNuX‘drops rapidly to x/D = 5.

The effect of L./D on the heat transfer coefficient for
gases was illustrated in the preceding paragraphs. Figure 10 illus-

trates the correlation made for liquids by Sieder and Tate! and in-

dicates that the effect of L./D is also important for liquids,

parti-
cularly in the laminar and transition regions.
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FIGURE 10

DIMENSIONLESS REPRESENTATION OF HEAT TRANSFER
IN SEMI TURBULENT FLOW

FORMULAE USED FOR TURBULENT FLOW INSIDE TUBES

This section.deals with the varioﬁs formulae available for

solving problems of forced convection involving flow inside tubes.




The formulae in common usage are discussed, toge‘ther with any

limitations which apply to them.

Evaluation of the parameters in Equation (27) has been
done by a number of observers over a moderate temperature
range, for conditions ranging from Prandtl Numbers of 0.7 to

120, for Reynolds Numbers from 10,000 to 120,000, and for L./D

36

of 60 or more. The results of various observers are represented .

in the following semi-empirical equations:

Nyy = 0.0243 (NRe)Oﬁ'S (Np 0 % .o,

Nya = 0.0265 (Npey”'® (Np,0-3......

Nyu = 0.027 (N "° (Npp) 3 (ap/pg) O 14-(46)

Ny = 0.036 (Ngo)® (Mp)'? (i 014
(/LM

ool ST BETTT v

It can be noted from the above equations that most ob-

el (45)

servers agree with the form of the equation, but give slightly dif-

ferent constant factors and exponents for Np,. to account for heat-

ing and cooling. Equations (44) and (45) were developed from the

results of Dittus and Boelter and apply for heating and cooling,

respectively, of the fluid inside the pipe.

Equation (46) developed by Sieder and Tate is made




37

applicable to heating and cooling by applying the ratio (p.b/’.lw)o‘ 14
to account for the varying viscosity. Allvproperties except u in
Equation (46) are evaluated at the bulk temperature. Equation (47)
was developed by Burbach, Eagle and Ferguson from the results of
their tests in the range of L/D from 10 to 400. This equation ac-
counts for Athe variation in the heat transfer coéfficient with tu'be‘
length by including the factor (D/L)I/IS. All properties in Equation
(47) except Pw are evaluated at the bulk temperature. - Cholet‘(:e1
recommends that the influence of the tube length to diameter ratio
D/L is best expressed by (D/I.,)ll10 in liéu of (D/L)ll18 as proposed
in Equation (47).

Equation (48) suggested by Colburn® has all the properties
except Cp in the Stanton Modulus evaluated at the "film'" tempera-
ture. Thé "film'" temperature is usually taken as the arithmetic
average of the wall and bulk temperé’turea Colburn claims that the
form of Equation (48) has several advantages in correlétingv data.

He defines a heat transfer factor "J" such that:

. 23 .
J = hC (!1 C1<p) / - Nst NPrZ/_3‘°..°°°.(49)
7 uCp

where h/pu Cp is recognized as the Stanton Number. For laminar
and turbulent flow in smooth tubes, Colburn found that the factor ''J"

was equal fo one half the skin friction coefficient, thus,

’ _" 5 ; _ - 2/3
J - Cf/Z - 00023 - Nst NPr . aonooaoooo(so)
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which confirms the General Form of Reynolds Analogy stated in

Equation (32).

DESIGN CONSIDERATIONS |

As the local heat transfer coefficient is largest at the
tube entrance and decreases in the direction of flow uﬁ to a cer,-/
tain critical distance, the tubes should be kept as short va.s possi-
ble to be most effective from a heat transfer point of view. As
there is considerable pressure drop in tube eﬁtrances, the high
pressure drops encountere& with numerous short tubes would
offset the heat transfer advantages.

There are practical limitations to the size and shape of
heat exchangers. It is, therefore, the designer's duty, to select
the proper number of fubes and the best length to diameter ratio,
to make up a heat exchanger having a practical size and high
efficiency.

Theoretical considerations and data from variéus ob-
servers point to the fact that turbulence increases the heat trans-

.fer rate. The designer then has the choice of selecting the size
and number of tubes which will yield the highest tube ve'locity and

consequently, the most turbulence. When it is not possible to

cause turbulence by increasing the flow velocity, .it is sometimes
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practical to induce turbulence by using mixing devices or turbulators,
which have the effect of artificially roughening the pipe surface.

Data from various observers confirm the advantages of a
rough surface from a heat transfer standpoint. Lancetl? states:

: _ 0.8 1/3 ;

NNu:rn = 0.042 Ngre Np, for a rough duct.... (5]1)
as compared to Colburn's ¢
0.8

NPr1/3 for a smooth pipe.. (52) .

NNu‘ni = 0.023 Nge
A similar improvement.in heat transfer rate was substantiated by
Dipprey and Saberskyn. It was established, however, by a number

of observers 10 12 13, that the effect of roughness has a larger

effect on the friction factor Cs (pressure drop) than it does on the

heat transfer factor Cy. It follows then, that if pressure drop is taken
into consideration, a smooth tube is a more efficient heat transfer
surfé.ce than a rough one.

If the friction losses are taken into consideration in the

design of heat exchangers, it follows that the designer must sacrifice

. heat transfer advantages to reduce the pressure drop.




PART TWO

EXPERIMENTAL STUDIES

PURPOSE OF TEST AND CRITERION OF EQUIPMENT DESIGN

The purpose of the test was to establish the local and
average heat transfer coefficients in a pipe for conditions of flow
ranging from laminar to turbulent.

Test equipment was set up consisting of two concentric

pipes arranged as shown in Figureé 11 to 13. The equipment was
set up to pass air longitudinally through the inner pipe, and water
in cross—fiow through the annulus. Air and water were selected
as test media, partly due to their ;availabilii‘fy but mainly due to
the relative easé in taking measurements with ‘these media. Air
was considered for both media; however, the heat transfer
characteristics of air are rather poor as compared to water, con-

sequently, small temperature differences would have been obtained

resulting in higher relative inaccuracies. Furthermore, inac.curate
estimates of the convective heat transfer coefficient in the annulus
would have affected the results considerably more than for water.

As air flow through the annulus would have been very difficult to

measure, thecombination of air in the inner pipe and water in the
annulus was selected.

To maintain a uniform wall température over the entire
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length of the test section, the annulus was cooled by passing water
in cross-flow over the inner pipe. The annulus was divided in a
number of sections to enable the observation of heat gains by the
water (heat loss by the air) along the incremental lengths of the
test section. The sections were kept small to maintain a uniform
temperatﬁre of the cooling fluid within each section by .eliminating
the possibility of short circuifing within the section. The small
temperature difference within any one section and between adjacent
sections reduced the possibility of longitudinal heat transfer from
one section to another, thus maintaining a constant axial,tempera'tu.re '
gradient.

To reduce the heat gains from the jacketed end sections,
the ends of the first and last sections of the annulus were insulated
with one inch of insulation. Howéver , this insulation proved rather
inadequate, as it was evident from the ftest results that considerable
heat was gained by the water in the end sections.

One feature which was incorporated in the design of the fest
- equipment, (although not used for the test) was the installation of
test‘connections in the inﬁer pipe with corresponding conduits through
the annulus to the outer pipe to énable taking temperature reaaings
at various points along the tube length. This feature may be used
to good advantage should ;anyone wish to use this test rig for futuze
research on this subject.
<\‘<\“° UNIVE h’g/;}
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DESCRIPTION OF EQUIPMENT

A Sir Godfrey and Partners heat pump unit consisting of a
diesel driven centrifugal compressor and tur.biné assembly ﬁvas
used to supply air for testing purposes. The heat pump unit which
is. normally used as a heating and air conditioping unit operates as
outlined below. Air is compx"essed‘in a diesel driven centrifuéal
compressor and passed through a turbine where it expands to
discharge conditions and Jelivered to the space. The unit-..d;s-
charge air temperature can be controlled by varying the compressor
speed, by various degrees of re-heating or intércooling between
compressor and furbine, or by varying the air flow through the
turbine portion of the unit. In passing through the turbine the air
does work, and consequently, helps to drive the air compressor
by means of the connecting drive assembly.

As it was desirable fbr test purposes to maintain an air
supply as hot as possibie, 'the turbine éortion of the heat pump
.unit was by-passed for all tests. The tempera’cﬁre of the air
entéring the test ée_ction couid be varied by changing the speed of the
compressor, thus varying the compression ratio,and. consequently,
the discharge temperature. For most tests the inlet air temperature
was kept as high as possible in order to maintain an appreciable

temperature difference between air and water and, consequently, a
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higher heat flux.

To reduce fluctuations in the supply air pressure to the test
equipment, air from the compress.or was discharged directly into a
receiver tank, and from. there it Was piped to the test section. A
long length of pipe was placed ahead of the test section to reduce
the turbuience caused by a sudden contraction at the tank.and to
attain fully developed flow.

In or'der to eliminate. the disturbing effect of the valve plé.ced
downstream to control the amount of air flow .thrbugh the test
section, a length of pipe having an inner diameter equal to the tg st
sectién was welded between the teét section and the valve. Down-
streafn of f.he control valve, an additional length of straight pipe was
installed in order to obtain fully devevlopec'] flow at the impact itube
traverse. The impact tube was uéed in conjunction with a
precision manometer to measure aif flows at high flow conditions..

At low flow conditipr‘l-s air flow measurements were carried out
using a positive displacement inete_r connected downstream of the
" flow control valve.

.The‘ connecting pipé between the surge tank and the test
section was jaéketed by.means of a concentric pipe arrangement as
shown in Figures 13 and 14. Air from the tank was supplied to this .,
jacketgd section through a by-pass. This piping arrangement made

it possible to obtain the air temperature _entering the test section

[y
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‘without placing a thermometer in the air stream which would havg
disturbed the flow. The total air supiﬁlied by thgé compressor was
the sum of the air flowing throuéh the test section and through the
by-pass.
| The discha;rgé air temperature was measured with a
therfnocoﬁple placed a short'distance beyond the end o:é the test ..
section, to a‘voiAd disturbing the flow within the test section. The
length of inner pipe between the end of the test section and the
temperature meaéuring‘poi_nt was jacketed sifnilar to the inlet
section, except that no aif was by-passed '.f:'o it.

The cooling water to the various sections was supplied
through a common header, thus maintaining a uniform supply water
temperature to all sections. To eliminaj:e ‘the' effect of pressu.re
fluctuations in the sy'sfem Water supply, a standpipe wa's set up as
shown in Figure 13. This arrangement maintained a constant head
of watef at ;.11 times to the supply header. The individual connec-
tions from the water supply header to each annulus section were
.equipped with contfol valves enabling the. control of water flow -
through each section; to 'maintain an-equal discharge tempera’t_ure
from all of them. Buckets were used tocollect the water p.as‘siz'-lg;_‘
through ea;:h é'ection. Thermometers were qsed on the ‘supply' |

header and on individual dis’charges: from each section.
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L

TESTING PROCEDURE

The diesel driven compressor was allowed to run at
least one half-hour before each test in order to have the system
supply air temperature reach equilibrium before each test..

The volume of air passing through the test section was
adjusted for each test by ,openin;g or closing the valve on the dis-
charge end of the test equipment. The remaihder: of the air from
the compressor was discharged through thé by-pass. Once qui-
libria in air flows was achieved, the water flows to the various
sections of the ahnulus were adjusted to rnaintain a uniform dis-

‘ charge temperature from each section. This was very difficult to
'achieve, as a very minufe change in valve'oioening caused an ap-
preciable change in water flow, and therefore, of discharge
temperature. The water inlet temperature to all sections was
equal as these were all supplied from a common header. Once
‘the valves were adjusted to maintain equal discharge tempera-
tures, the test was started and run for‘twenty or thirty minutes.
The first fifteen tests were run for thirty minutes and the remain-
der for twenty minutevs. The water control valves were adjusted
throughout the test, if, due to fluctuations in air or water flow,
the discharge water temperatures did not remain constant. The
water from each section was discharged in separate buckets, and

weighed d-ur;ingA and/or after each test interval. Temperature
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readings of inlet and outlet air and water were taken at five
minute intervals as were air volume measurements.

After each test, the valve setting on the discharge end of
the equipment was changed to vary the amount of air passing
through the test section and thus the test Reynolds Number.
Conditions:were then allowed to reach equilibrium under the new
setting, water flows were again adjusted and the new test carried
out. A total of thirty-six tests were carried out over a r;@ge of

Reynolds Numbers from 1,164 to 135, 900.
INSTRUMENTATION
AIR FLOW MEASUREMENT

A number of methods of measuring the air flow were
considered. In an attempt to avoid disturbing the air flow be-
fore or after the test section, the air flow leaving the compressor
and that leaving the by;-pass‘ were measured using impact tubes,
~ The difference between these two readings should have reprevsented
the volume passing through the test section. ’i‘his method was
not found reliable, as the velocity distribution in the duct ahead
of the compression tank was not uniform. Thi‘s was caused
mainiy by the ceﬁtrifugai forces acting on the air passing through

the elbows immediately ahead of the plane where the impact
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readings were taken. Attempts were made to render the velo;ity
distributioﬁ more uniform, by placing turning vanes in the elbows,
followed by straightenving vanes in the horizontal section of ducting,
however, these modifications did not appreciably improve the
results. | |

A method of measuring the air flow through the test section
in a positi‘ve m;.nner, rather than by difference, was finally
adbpted‘. As impact fubes are not reliable at very low velocities
such as encountered for the low air flow conditioh‘s corresponding
to laminar flow; a positive diéplacement meter was used for the
- low velocities. Beyond the capacity range of the metei‘ an impact .
tube was used in conjuntion with a water manometer. To check
the accuracy, readingé werebtaken by both methods under flow
conditions near the uéper limit of the meter capacity, the two
methoas gave results which compared within three percent. It is
estimated that the air flow fneasuremeht was accura’ée within one
percent when using the positive displacemient meter and within three |
percent when using the impact tube. The higher inaccuracy when
using the 'impact tube is attributed to the considerable variation

in manometer readings during each test.
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' TEMPERATURE MEASUREMENTS
COOLING WATER

In ofdef to obtain as high a te@erature difference as
possible between air in the inner pipe and water in the annulus, the
inlet water temperature was kept as low as possible by drawing
large volumes of water from the main water supply line. As all
this watex: could not be passed thi'ough the test equipment, since the
water temperature rise would ha:ve been too small, a by;-pass liné
was connected from the supply main and directed into a drain,

The cooling water temperature rise was only five to ten
degrees, consequently, precision thermometers having an
accuracy of one hundredth of a degree were selected for water
temperature measurements, Due to variations in temperature
readings, it was impossible fo read the thermometers to their full
accuracy. The estimated error in water temperature readings,

based on the temperature rise through the test section was in the

order of ‘two percent.

!

The inlet air temperature was taken as an average of
three thermometer readings, one indicating the tank temperature,

another, the by-pass temperature and a third, the temperature in
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the jacketed inlet section., Calculations were made for the velocity
temperature effect in the by-pass and in the jacketed section; these
were found to be in the order of one quarter of one percent of the !

temperature loss through the test section and, consequently, were

neglected. The three inlet temperature thermometers indicated
considerable variance, as the tank temperature was always
considerably lower than the other two. This difference in temper-
ature may have been due to the high heat loss through the tank wall,
which caused a lower temi)grature at the therﬁometer well near the
wall, than in the main air stream. It is estimated that this variation
in inlet temperature may have given resulté for the heat transfer
coefficient which are three percent lbw at the low air flows, -and
fifteen percent low at the high air flows.

Tile discharge temperature was taken a short length after
the insulated section, it was measured lising an iron constantin ’

thermocouple arranged as shown in Figure 13 in conjunction with

a precision potentiorr;eter, This arfang_ement for the thermocouple
was used to obtain a total temperature, The éori‘esponding static
temperature was obtained from velocity temperature corrections.
Before the test, the thermocouple used was checked against a
precisién thermometer in a water bath at various temperatures,
“and Wés found to give agreement within two percent based on air

tempei'ature drop in test section.
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WATER FLOW

The cooling water passing through the various sections was
collected separately and weighed during or after each test, using a
scale having an accuracy of 0,01 pounds in ten pounds, thus giving

an accuracy of one tenth of one percent.




PART THREE
RESULTS .
CALCULATIONS AND PRESENTATION OF RESULTS

Average values of the test readings and of the calculated
results are tabulated in tables II to XVI ip the Appendix.

-

The bases of calculations leading to the tabulated results are
outlined below, and a sa@ple calculation is shown in the appen(dix.
The mass air flow through £he test rig was /calculated for. |
each test from the measured or calculated volume rate of air flow,
by taking into account the terﬁperature and pressure conditions at the
discharge of the test rig. The volume flow rates for tests sixteen
to thirty-six were calculated from the velocity pressure and
temperature readings taken at the rig outlet. For the first fifteen
tests the volume flovﬁr ra£es were obtained directly from meter
readings. Tg?aie IV tabulates thel v'oluﬁqe and mass flow rates for
a—ll tests, |
The mass velocity G which is a measure of the mass fiow
pPer unit area, was calculated for each test from the mass flow rate
and the cross-sectional area of the test section. The Reynolds and
Prandtl numbers were evaluafed using p‘hysical properties of the air

at the average temperature of the test section. The inside diameter

of the inner test pipe was used as the characteristic dimension in the
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calculation of Reynolds numbers. Values of G, Npe and NPr for each
test are tabulated in table VII.

The heat gain from surroundings was established from a
heat balance across the test section, from the following relation:
Heat from surrounaings equals heat gained by water in énnulus minus
heat loss by air in inner pipe. From the heat gained from surfoundings,
an overall heat transfer coefficient "Ug" between aﬁnulus and
surroundings was caiculated for each test, based on outer area of
~ outer pipe and arithmetic- mean temperature difference between water
in the annulus and the space temperature. Valués of "Ug" for each
test are tabulated in table VI. As the results of the first fifteen tests
were more accurate than the latter ones, an average "Ug" based on
the first fifteen tests was used as described later to calculate the
heat gained from surrou{ndings to each section of the annulus, |

An overall heatl transfer coefficient "U," between the annulus
and the inner pipe was calculated using the logarithmic mean temper-
ature difference betweer!l the two flowing media. As the inside
temperature of the inner pipe was not available from test data, thve
average heat transfer coefficvient "hy" inside the inner pipe was
calculated from the overall heat transfer coefficient "Ua". ’fo enable
the -calculation of the heat transfer coefficient inside the inner pipe it

was necessary to assume a heat transfer coefficient between the

inner pipe and the water in the annulus. McAdams 5 states that the
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heat transfer coefficients for water ;ra_.ry from 50 to 3000
BTU/hr/ftZ/OF depending on the water velo;:ity. For the nominal
water velocity encountered here, a factor of 500 was selected as
being representative. The sample calculations show that the
results obtained using an "hy," of 500 differ only by 1% from thaﬁ
obtained using an "h," value of 400,

From the calculated values of ""h," average Nusselt numbers .
NNua we.zje ca:lculated for each test, based.on "K" values correspond-
ing to the average temperature in the test section. The calculated
values of U,, h, and NNua are tabulated in table IX.

The viscositie:s. Fp and iy, were evaluated for each test at
the average of inlet and outlet temperatures for air and water
respectivgly. The effect of viscosity on the test results are tabulated
in table X and incorporated in the curves plotted on figures 19, 20
and 21,

The temperature drops along length increments of the test
'section were calculated from water flow' rates tﬁrough the individual
sections and from the average overall heat transfer coefficient
“Ué" previously referred to, Fro'm the temperature vdrops along the
test section, the local heat transfer coefficient "h;{" and the lécal
- Nusselt number. NNux were calculated for a number of tests, the

results of above calculations are tabulated in tables XIII and XV and

-plotted on curves in figures 22 to 24.
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DISCUSSION OF .RESULTS
COMPARISON OF RESULTS WITH PUBLISHED DATA

Figures 15 to 25 indicate a cbmparison of the actual test
results with that obtained by other observers.
Figure 16 shows a plot of NNu/NPrO'4 vs. NRe> solﬁng
for the parameters of Equation (27) from the above.curve, it can be
rewritten as:. ' ,

0.69 . 0.4 ‘ .
R k) I

1/3
Pr

Ny = 0.06 Np

A similar plot of N N vs. Np, in Figure 17 gives the

Nu/
following value for the parameters.of Equation (27):

0.69

N :00058 NRe NPr1/3oo--.-o-ou--aooooooc-o-no‘(54:)

Nu
Comparing Equa.tions (535 and (54) to Equation (45) which is Dittus &
Boelter's equation for cooling, the teét results are found to give
higher values of Ny 8t low NRpe and lower values of NNu at-h:igh
NRe than the Dittus Boelter equation. This is.as anticipated, due to -
" the larger errors at the high flow rates, as calculated in the
Appendix,

To establish the effect of varying viscosity on Nusselt
Number, NNu/NPr1/3 (Pb/PW50'14 was plotted vs, N, on

Figure 19 from which the following equation was found to be represent-
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ative of the results obtained.

68

’ 0, 1/3 0.14
Ny = 0.060 Np Np.. (B /bgy) e (55)

It can be seen from Figure 19 that the test results givé somewhat
lower values than predicted by Sieder and Tate in Equation (406).
To compare the results obtained with that predicted by

Burbach, Eagle and Ferguson in Equation (47) in which they claim that

1/18
the Nusselt Number varies as (D/L) ! ,
1/3 0.14 41/18
NNu/NPr) 13y Iny,) (/L) was
ploited versus N, in Figure 20. The equation:
| 0.68 1/3 0.14 1/18
Nyy = 0.071 Nge Nps, (,ub/)u.w) (D/L) (56)

was found to satisfactorily represent the results obtained. This is seen
to give somewhat lower values of Ny, than did Equation (47).

Test resulis were plotted in f‘igure 21 in the form of

Ngt NPr2/3 (pw/}lb)o’14 vs. Np, for L/D of 25.
It was established from the resuliing curve that the following equation
is representative of the results:

Y = Ng; NPr2/3 (pW/;ub)O'M = 0.09  ..... ... (57)

NRe -0.33

This equation gives slightly higher valués except at large Ny, than
predicted by Colburn in Equation (48).

Upon examining the various data plotted versus Ni, it can

be noted that the iransition from laminar to turbulent flow appears to
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begin at about Ny, of 3,000. The transition region although not
showing a definite break, does appear to end at NRe of about 6,000.
The NR of 3,000 at which the transition region begins is somewhat
higher than the normal Npe ©f 2,300, This may be due to the use
of Shelby tubing for the test rig rather than ordinary piping, the
tubing being considerably smoother would permit the flow to re-
main laminar for a longer length, thus caulsing the transifion point
to occur at the higher NRe'

To establish the variation of the local heat transfer
coefficient within a tube with distance from the tube entrance,
Figure 22 was plotted from the calculated value of "hy' along the
tube. It can be seen that for tests 10, 16, 20 and 26 for which thé
flow was turbulent; the "hy'' is very large at the tube entrance,
then decreases very rapidly up to a distance along the tube,
equivalent to /D = 5, and from that point on reduces very

10 ' :
slowly. This approaches Deisler's claim that for Np, = 1 and
for high Ny the heating rates reach 99% of the fully developed

14 claims that for oil

turbulent value in 5 to 7 diameters. Hartnett
- and water, the heat transfer coefficient attains a value within 5% of
its ultimate value within 2 or 3 diameters. For laminar flow con-

ditions, represented by cur ves on Figure 22 corresponding to test

#1 the local h, ,dropped quickly from a large value ai the tube inlet,
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then decreased slowly in the direction of flow, but did not reach a
constant value within the length of the test section. The local
Nusselt Number NNu\: is found to behave in much the same way

as the local heat transfer coefficient, this is shown for conditions

of laminar and turbulent flow on curves in Figures 23 and 24

respectively where Ny is plotted vs X 1
- =
D Nre Np.,.

Unfortunately, the test section was not long enough to achieve a
fully established temperature distribution, consequently, it was

not possible to verify Giedt's 2 claim that for a uniform wall
temperature; the local Nusselt Number normally reaches a constant

value of 3.65 when X 1 reaches 0,05,

D NRe Npy

Figure 18 shows a curve of the average heat transfer coefficient
"h " plotted versus NRe. From the above noted curve, the
following eq.uation can be written as being representative of the test
results: |

0.69

hy = 0.0058 N " semmemmemeoao (58)

As very few tests were carried out at laminar flow condi-
tions, no specific conclusions can be reached as to the heat tran-
sfer characteristics under these conditions. In Figure 25 a few

points corresponding to the laminar flow range were plotted as
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1/3 0.14
Np, versus NNua (D/L) ()J.b/}lw) ‘
yielding the following equation:

0.31 1/3 0.14
NNua =1.82 (NPe)b (D/L) " (pp/pg)  eee RN 1))

Equation (34) for the laminar flow range is also plotted on Figure 25. |
It can be seen that the test results are considerably lower than that
predicted by Equation (34) for laminar flow conditions.

The above comparison of results with published data by
other observers, reveals that the test results are generally low. This
discrepancy may be due to va?:ious inaccuracies in the testing proce-
dure, or to.incorrect assumpti;ms as discussed in the following sec~ .

tions.
EXPLANA_TION AND DISCUSSION OF ERROR ANALYSES

A calculation of the possible errors in the results is
carried out in the Appendix. The various criteria used in the cal-

culation of errors are discussed below.

MASS FLOW

As successive readings at the same point of the impact
tube traverse taken at the end of the test rig varied appreciably,
some error in the measured flow rates is anticipated. The varia-

tions in readings taken as a percentage of the total reading cons-

.
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titute the error in mass flow, which was calculated as + 3%.

¢

WATER TEMPERATURE RISE -~

Thermometers having an accuracy of ‘onevhundredth of a de-
gree were used for measurerﬁent of inlet and outlef water tempevra-
tures. All thermometers were immersed in a bath.of cold water
priorﬂto testing and were found to be accurate within their sté.ted
vca.libratlon limité. Va‘riafions in water temper.ature conditions limit-
ed the 'reéding éccuracy to one tenth of a degi‘ee.v The .reéding accu-
‘racy compared to the teniperati;;re rise in the sec1‘:io'n‘ constifutes,_the

possible error which was calculated as £ 2%.

WATER FLOW

The scale uséd for w'eighipg the water passing fhrough each
section was accurate within one hundredth of a pound, consequently,
as the water collected in each bucket per test was approximately ten
pounds the inaccuracy in water flow méasurement__s was calcula.fed

as +.1% which is considered negligible.

INLET AIR TEMPERATURE - -

As stated in pages 52 and 53, the tank temperature was con-

sistently lower than the by-pass and jacket temperatures. The possi-
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ble absolute error in inlet air tempe_ra.ture was taken as one half the
difference between fhe tank temperature and an average of the by-
pass and jacket temperatures. The absolute error when applied to the
temperature drop across thé section éstablished the possible percent

~error, as + 11%.

DISCHARGE AIR TEMPERA'I_‘URE N

The accuracy of thermocoupie 'readings‘ﬁsing the potentio-
meter, is limited by the discrepan'cyb in su;cessive readings at a
given point in the traverse. 'I‘h:is was found to be one half degree,
which, applied to the overall temperature drop across thé section
established the percént accuracy as + 2%.

As the temperature was not measured immediately at the
end of fhe test éection, ‘in an effort to avoid disturbances in the aii'_
stream, the measured temperature would tend to be 'slig.htly ldw.

An estimate 6f the error is made by considering the temper.ature

in the jacket at the end of the test section as beipg twenty degrlees
lower than the temperature at the end. o‘f.the test section. The

ratio of the 1Qca1 heat transfer coefficienf to the average coefficien’t, '
~and fhe ratio of lengths a'revused to arrive at the possible error in
discharge temperature. This Wé,s caléulated as 'being' one percent
low.

~Combining, the various possible errors calculated in the
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Appendix and noted above it follows that the revsults should be accurate
within twenty percent.

To verify the above noted accuracy the heat gained from sur- ‘
roundings was also calculatéd froxﬁ published data. McAdamsS gives
the combined heat gaip from surroundings to a pipe at 40° differential
from room temperature as 1. 84 BTU/hr/ftZ/OF. The Appendix show’s
a comparison of the heat from _su‘rr_oundi;lgs for various tests, with
the calculated values from pﬁblished data using the abpve basis. 'F<->r
most tests, the accuracy was found to be within th¢ 20% figure stated;'. ‘

above.
EFFECT .OF ASSUMED h,

The Sample Calculation and t'he Error A:@aly.’se’s in the Appen; '
dix illustrate the effect of the as s~umed value of hy, on the calculated
value -of h . This effect is particularly notiéeable at higﬂ air flow
rates correspénding to high Reynolds Numbers.

It is apparent from the calculation _;)f b, by two methods Aa.s :
‘ sh;)wn in the Appendix, that the Qalue of hy, shquld have been in the
order of 50 rather than ‘5'00. The main ca.us‘e for the low h, here,
is the extre»mely'low velocity through‘t'he annulus aés compared to

that normally encountered in heating applications,

As the error in the calculated ha‘gets progréssively larger
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with increase in flow rate, the net effect is to change the slope of the
curves. The above is illustrated in Figure 19 from results calculated
using h,, of 50. The resultant curve can be seen to agree very close-

ly with that predicted by Sieder and Tate.
CONCLUSIONS

It is apparent from the discussion of possible errors and the
calculation of h, based on h, = 50 that .the discrepancy in the results
from that of other .observers is mainly attributable to the incorrect
assumption for hy. Figures ,18:a.nd 19 illustraté the effect of h, on the
calculated value of h, barticulaljly at-high heat transfer rates.

Revised curves were plotted only for Figures 18 and 19 to
point out the effect of the‘ improper assumption, however all curves

which include a relation of hy and Ny, would be similarly affected.
; ; a : :
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SUMMARY

The convective heat transfer inside a tube has been investiga-
ted for conditions of laminar and turbulent flow over a Reynolds Number
range from 1;164 to 135, 900.. Thirfcy-six tests were carried out usjng
air in the inner pipe and waterl in the anhulus of a concentric pipe test
rig.

The transition from laminar to turbulent flow conditions was

found to occur at a Reynold's Number of approximately 3, 000. This is

somewhat higher than the normally accepted Reynolds Number of 2,300 .

at the transition point.

The equations:
0
)

.31 . .0.14 1/3
1. 82 (NPe)bO3 (Pp/ Poy - (B/L) /_

and
0.78 0.33 0.14
N,Nua = 0. 027 NRe NPr _(pb/}lw) :
represent the results obtained for the average Nusselt Number at lami-
nar and turbulent flow éonditions respectively. These results agree
very closeiy with that predicted by other observers.

The average heat transfer coefficient for a smooth tube hav-

ing a length to diameter ratio of twenty-five is represented by h, =

0.78 0. 21

for NRe larger than 3.0x 10 and by h, = 0,28 NRe

0. 0027 NRe
_ for NRe ieés than 3.0=x 103.

The local heat transfer coefficient was found to be very large
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at the tube inlét, it then decreased rapidly in the direétiqn _of flow up to

a length along the tube equal to five diameters, then decfrea'sed very

slowly along the relnaming length of tube. |
The tabulated results and the plotted curves were based on

an assumed value of hw = 500, ;chis was seen to give low results,

When an h, of 50 was used, results comparable with that of o.ther ob-

servers were obtained, these are plotted on Figures 18 and 19.

-
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SAMPLE CALCULATIONS

Equipment Dimension Data:

1.930 in, = 0,161 ft.

External diameter of inner test pipe

1.875 in. = 0.1563 ft,

Internal diameter at'test section

Internal diameter at impact tube = 1,435 in. = 0,1196 ft,
X-sectional area at test section 77x 0,156 = . - 0,0192 f’c.2
L : ‘
: 2
X-sectional area at impact tube 7x 0.11962 = - 0.0112%¢.
— .
Total length of test section » = - 47,125 in,
Length of test section excluding sections 1 & 13 = - 39.625 in,’
2
Inner area of inner pipe = 7 x 1,875 x 47.125 = ~ 1,933 ft.
12x12 >
Quter area of inner pipe  #7 x1.930 x 47,125 = ~ 1,983 ft.
‘ 12x 12 >
Average area of inner pipe 1,933 + 1,983 = - 1,958 ft,
2
External diameter of outer pipe = ~ 4,25 in,
External area of outer pipe 77 x 4.25‘x 39,625= : ~ 3,69 ft.z
12 :

All calculations are based on data from test #1 unless otherwise noted,

1, Calculation of Mass Flow W, Mass Velocit;f G and Reynolds

Number Ny ..

As the air flow was measured by two methods, a sample calculation

is shown using each method,

(a) Testl

Air flow was measured directly by meter = 3, 3cfm



14

3
Air density at outlet 14.7 x 144 = 0.0709 1bs/ft.
) 53.3 x 560
Where discharge temperature and pressure are 100°F = 560°R and

14,7 psia respectively.

w

it
f]

Mass flow = 3,3 x .0709 x 60 - 14,03 1bs/hr.

G 2

fl
"

Mass Velocity = 14,03/0. 0192 0.732 1bs /hr. ft.

Where: 0,0192 = cross-sectional area at test section

Nre = GD
i

} is taken at average of inlet and outlet temperatures

Average temperature = 175,60 + 100,00
2

137.8 degree F,

p at 137.8 degree F 0.0482 1b_s/hr/ft.

Np, =9.732 x 0,1563 2375

e —

0,0482

Test 16

Air flow was obtained from impact tube readings using relationship

VvV :VZg dw hy
12 d,

Where dy, = Water density in the manometer, this was taken as 62.4
3 .
1bs/ft for all tests,

The above relation simplifies to V=1096.2 = |h,

Ta,
where h, is the manometer reading at the impact tube and d, is the

air density at the impact tube.

For test #16, d, = 14.7 x 144 = 0.0663 1bs/ft/3
53.3 x (460+138)




G = Mass Velocity = 130.0

75

V = 1096.2 x 0.693 = 2920 ft/min.
Y6.0663
Q = AV

32.7 cfm

1]

L0112 x 2920

il

where 0,0112 = cross-sectional area at impact tube,

W = Mass Flow = 32,7 x 60 x 0,0663 = 130.0 1bs/hr,

1

Average air temperature in test section 177.2 + 138.0=157,6°F ..

Z e
0.0494 1bs /hr/ft.

it

Viscosity p at 157.6 degree F -

6780 1bs /hr /£t

|

0.0192 :

NRpe = GD = 6780 x .1563 21, 440
B 0.0494

Heat Gained by Water

]

The water flow through sections 1 and 13 were omitted as these sections
had an extremely high heat gain from the end section.

Test #1 - Water flow through sections 2 - 12 inclusive for 30 minute
test = 80,10 Ibs. i.e., 160,20 Ibs/hr.

Water temperature riée = 4,4 degree F, |

Heat picked up by water 160,20 x 4.4 = 705,0 BTU/hr,

Heat loss by Air in Inner Pipe

Mass flow test #1 = 14.03 1bs/hr.

Temperature drop : through test section = 75.2 degree F,

. Heat loss by air = 14,03 x 75,2 x 0,241 = 255 BTU/hr

Heat Gained From Surroundings.

The difference between heat picked up water and heat loss by air in the

inner pipe can only be attributable to heat gain from surroundings which
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for test #1 = 705.0 - 255.0 - 450,0 BTU/hr

L. M, T.D. between air in the inner pipe and water in the annulus.

LM, T.D, =( AT hot ) - ( AT cold )
’ In (AT hot) / ( AT cold)
Where AT 'hot = Air inlet temperature - water outlet temperature

AT cold = Air outlet temperature ~ water inlet temperature

Test #1
ATm = L, M. T.D, = (175.60 - 45.0) - (100.0 - 40.6) =
) In (130.25/59. 4)
70.8 = 90,2°%F
0.786

Average Overall Heat Transfer Coefficient Uy

U, between air in the inner pipe and water in the annulus, is based on

the average area of the inner pipe = 1,958 ftz
. 2,0
U, = Heat from air = .255 = 1.45 BTU/hr/ft™/ F.
A A Tm 1,958 x 90,2

Average Heat Transfer Coefficient h

The overall coefficient calculated in item 6 is based on the resistance
in going through the tube wall and through film coefficients 'on both
sides of the wall, i.e., |

U, = 1

1 +_}_:_+1

Where hy, = heat transfer coefficient in the annulus, assume value of

C2
500 BTU /hr/ft /°F.

x = thickness of tube wall = 0,125 inches. -

k

1

thermal conductivity of the wall = 300,

h, = heat transfer coefficient in the inner pipe.




U, = 1 =

1

I +0.125 + 1
500 300 h

which simplifies to: 1

H
—

- 0.0024
For test #1

1 = 1 - 0.0024 = 0,687

T 1.45

h, = 1.46 BTU/hr/it?/°F

For test #31

= 1 - 0.0024
T,

o

= 1 - 0.0024 =0,04662 .
0.40

2 .
= 21,45

a

Sale)

a

(b) Check effect on h, if h,, assumed as 400

=1 - (1 + o.ooo4>
U 400

a
- (0.0025 + 0,0004) =

mbdl"‘

= 1 1
T, T,
For test #1

1l = _1_ -0,0029 = 0,687
h,  1.45

h, = 1.46

= 1 - 0.0029 = 0.,0461

NOTE: This is only 1.1% higher than for h

h

- 0,0029.

500

0.002 +0.0004 + 1

a

77




(c) Check effect on hy if hy assumed at 100

1 =1 - (0.01+0,0004) = 1 - 0.0104

ha U, : Ua

For test #1
1 = 1 - 0,0104 = 0,6796 . -
hy 1.45

hy = 1.47 which is within 1% of h baséd on hy, = 500

For test #31

1 = 1 - 0,004 = 0.,0386
L. . 20.40
ha

= 25.9

NOTE: This is 19,2% higher than for hy, = 500

78

(d) Calculation for hy based on wall temperature equal to average water

temperature

For test #1

Average water Atempératufe = 42,8°F
Average air temperature = 137,8°F
Q=h, AAT |

255,0 = h x 1.958 (137.8 - 42, 8)

h, = 255.0 = 1,37 which is 7% lower than when hy, =

1,958 x 95,0
500 was assumed,

For test #31

Average water temperature = 44,75°F
Average air temperature = 167,10°F

hg = 4870 = 20.30
1.958 x (167.10 - 44,75)




79

NOTE: That this result is also 7% lower than when h, = 500 was

assumed,

Calculation of overall heat transfer coefficient Ug between the annulus

and surroundings.

For test #1

Heat gain from sufroundings = 450 BTU/hr

1

Temperature difference = room temperature - average water temperature

75.2 - 42.8 = 32,4°F

S

Area = 3,69 ftz
U - 450/3.69 x 32.4 = 3,77 BTU/hr/ft?/°F

9, Calculation of Prandtl Number Np.. !

10,

1

Npr ' ’ . Cp p/K

i

Cp 0.241 for all tests
B and K, evaluated at average air temperature are 0.0482 and 0,0166
respectively, .

For test #1

Np, = 0.24l x 0.0482/0,0166 = 0,700

Calculation of average Nusselt Number NNua

a

A NNua = haD/K |
where D = inside diameter of test section = 0,1563 ‘ftz
~For test #1
Ny =1.45x 0,1563/0,0166 = 13,70
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11. Calculation of the local heat transfer coefficient h, along the tube length

For test #1. Section 12

To establish the heat gain from the surroundings to each section of the
annulus, the average value of th.e -éalculated Ug (item 8) was obtained
from the results of the first fifteen tests. This average value of Ug
was 3,95 BTU/hr/ftZ/OF. Water collected in section'13 {(from test
data) = 5.67 lbs. in 30 min. or 11,34 lbs/hr,

Temperature rise in cooling water = 4.4OF (from test data)

Heat picked up by water = 11.34 x 4.4 = 51,02 BTU/hr

Area of the section exposed to surroundings = 4.25 x 1 = 0.0927 ftz '

12 12

Temperatu}'e differential between annulus and surroundings = 32.4017‘
(see item 8)

Heat picked up from surroundings = .3‘,95 x 0,0927 x'32.4 =11,84 BTU/hr
Heat picked up from air = 51,02 -11.84 = 39.18 BTU/hr

Air flow for test #1 (see itemI) = 14,03 lbs/hr

From relation : Q= WCPAT the temperature drop in the specific section
is calculated:

AT = Q 39,18 = 11.65°F

VVCp 14.03 x 0,241

From the calculated temperature drops along the test length, the tempe-

rature at any point along the pipe is lalculated, Based on the air tempe-
rature inside the pipe and the average annulus water temperature, an

average local overall coefficient of heat transfer is calculated.
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U = 39.18
Area x Temperature difference

2
Area = 77x 1.90 x 1 = 0.04151ft
12 12 ‘
where 1.90 in, = average diameter of inner pipe

lin., = length of section 12
° :
Temperature difference = 124,2 F based on difference between annulus
temperature and calculated temperature inside inner pipe.
2,0
U = 39.18 = 7.6 BTU/hr/ft" |/ F

0.0415 x 124.2
h, is calculateé as shown for h_ (item 7) assuming a value of h =

500

1 = 1 -0,0028 = 1. - 0.0028=0,1289
I §j . 7.6 :

h, = 7.77 BTU /hr/it"/°F

From the local hX the Tocal Nyp, is calculated, based on the K value

at the calculated temperature within the section.
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TABLE II
TEST DATA
Inlet OQuilet Inlet " Qutlet
Room Water Water Air Air

Test Temp. Temp. Temp. Temp. Temp.
No. °F op op. op. op., ‘
1 75.2 40.6 45.0 175.6 100.0
2 75.4 40.8 45.0 175.2 115. 3
3 76.5 39.0 43.0 173.8 90.0
4 78.9 39.1 44,2 175.9 115.2
5 . 78.2 38.8 44.1 177.9 122.4
6 80.0 39.1 44.9 180.7 128.5
7 77.8 38.4 43.2 173.5 128.3
8 78.1 38.2 43.0 176.7 131.9
9 79.9 39.1 44.0 173.9 132.1
10 80.5 39.1 . 44.0 174.0 131.0
11 80.8 39.2 44.0 175.9 130.5
12 80.7 39.1 44,0 172.8 127.3
13 76.6 41.0 46.3 173.2 75.4
14 79.7 39.1 45.1 176.0 ~ 119.4
15 81.5 39.0 45.2 177.5 123.8
16 82.2 - 38.9 44.9 177.2 138.0
17 80.6 38.9 44.8 181. 6 147.3
18 80.1 38.6 47.2 181.7 149.1
19 81.3 39.0 47.1 179.0 149.1
20. 81.6 39.0 50.1 181.9 153.5
21 75.0° 39.4 44.8 176.8 129.8
22 75.2 39.1 44.9 181.9 ©139.1
23 77.9 39.0 49.8 182.2 154.7
24 76.8 38.3 50.1 179.4 152.6
25 77.5 38.4 50.2 183. 8 157.3
26 75.3 39.5 50.2 178.9 153.4
27 74.9 39.5 49.8 176.2 154.5
28 75.1 39.7 50.1 176.6 153.6
29 76.3 39.5 49.9 174.9 154.5
30 76.5 39.2 ‘ 50.1 180.1 156.5
31 78.3 39.4 50.1 178.0 153.3
32 81.0 39.5 50.0 181.3 . 157.7
33 81.0 39.5 50.0 178.9 156.7
34 81.2 39.4 49.8 181. 7 155.4
35 81.3 39.0 50.0 180.5 154. 8
36 80.4 39.1 50.0 . 176.7 151.0



Test
No.
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14.
17.
14.
16.
15.
17,
24.
25.
28.
30.
27.
23.

1.

12.
16.
17.
23.
19.
18.
17.
16.
15.
18.
17.
19.
21.
22.
22.
22.
23.
22.
22.
21.
20.
19.
18.

TABLE III

WATER COLLECTED IN EACH SE CTION*

68
00
75
00
50
00
50
50
00
00
00
00
50
50
00
50
50
50
50
50
00
50
50
50
50
50
50
50
00
00
50
20
00
50
50
00

o 0 O

*ALL weights' in pounds

2

.00
.83
.09
.75
9.
10.
13.
16.
17.
16.
15.
14.
6.
8.
9.
12.
19.
14.
18.
13.
9.
9.
16.
15.
16.
17.
19.
20.
2l.
22.
20.
20,
20.
17.
16.
14.

49
00
84

127

58
43
58
15
50
50
10
29
84
06

44 .

64

42 .

95
05
67
76
90
94
52
33
46
54
67
40
53
55
51

Section Number
3

.76
.17
.56
.65
17
.01
11.22
14.94
13.05
13.02
12.51
11 .44

6.77

7.21

9.39
10.03
17.30
13.83
15. 92
12.44

9.39
10.79
14.05
14.11
15.38
15. 88
17.57
17.03
17. 84
17.52
18.02
15.11
16.79
15.79
14.51
13.30

0 00 ~N N 00N

4

8.
.98
9.

10

9.

9.

10.
13
14.
17.
14.
14.
13.

7.
8.
9.

10.
17.
13.
15.
13.

8.
9.

15.
15.
15.
19.
19.
18.
19.

20.

19.
19.
18.
18.
15.
14.

36

51
16
86
20

.79

92
53
40
17
16
10
04
16
08
12
79
97
42
71
61
12
00
62
21
57
50
64
00
58
66
73
03
12
21

8.99
10.29
10.12

9.23

8.86
10.30
13.50
14. 84
14.78
14. 82
14.06
12.58

7.19

7.65

8.85
11. 48

18. 46

12.91
13.46
13.11
8.22
9.00
13.30
14.07
14.97
15.63
17.53
16.76

18.51"

18.00
17.51
17.69
16.54

. 15.20

14.18
13.17

83

.00
.18
.27
.14
.39
.70

Q 00 0 O 0 &

' 14.68

14.55
15. 81
14.92
14.14
13.74
6.37
7.14
7.73
9.14
12.61
12.72
14.67
11.32

13.02
12. 62
14. 02
15.36
16.35
16. 86
17.39
16.62
16.50
16.78
16.13
14.61
12. 87
11. 62



TABLE III Continued -

Test
No.

00~ 00 Wiy
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.61
.04
.43
.60
.30
11. 76
12. 75
13.61
13. 09
13.00
11.48

5.90

7.27

7.25

9.91
13. 86
11.41
12. 57
10.35

8.73

7.82
12.35
12.14
12.16
13.22
14.93
14.05
14. 43
14. 92
14. 48
14. 83
13.98
11.92
11. 66
10.76

0 ~1 ~1 ® 0o ~l

.70

6.79

7
7

.43
.38

6.65

7

.31

8.23

12.

9

.19
.99
.94
.72

55

.70
.34
.16
.32
.91

30

.82

11. 60

8

7

10.
10.

.91
6.
.37

58

28
44

11.41

13.
14.
14.
14.
14.
14.
14.
13.
.65
'10.

9.

12

44
20
23

05 -

82
34
17
41

83
75

Section Number

7.40

~ ~ 0 o™

8

9

.72
.39
.76
.79
.39

10.18

11.

11.
11.

47

12.26

51
27

10.46

5
6
7

9

14.
9.
12.

9

7.
7.
.89

10
11.
1.

13.
13.
13.
13.
13.
13.
13.
13.
12.

11.
9

.88
.80
.36
.17

36

57
23

.67
75
05

67
96
31
69
91
93
56
63
96
68
52
23
.91

10

73

5.
7.66
7.48
6.38
7.02
7.18
8.92
9.52
9.56
9.82
9.76
8.37
4.85
5.46
6.70
6.25
9.75
8.03
8.
6
6
6
7
7
7
8
9
9
9
9
9
9
9
8
7
6

74

.45
.53
.38
.63
.38
.61
.88
.52
.55
.54
.34
.36
.70,
.43
.07
.67
.91

11

5.70
.08
.48
.94
.23
.84
.44
9.55
10.43
9.25
9.09
7.78
4.42
5.35
6.03
6.58
10.94
8.35
9.74
.49
. 80
.83
.79

o0 OOt O

[ocle N BN G IEN|

.81

9.29
10.65
10. 61
10.83
11.32
10.50

12.04

10.10
9.06
8.16
8.14

* All weights in pounds

.70
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WATER COLLECTED IN EACH SECTION

A oo oo i os O

.67

.34
.50
.27
.26
.56
.71
.99
.29
.25
.23
.50
.73
.78
.43
.34
.93
.29
.37
.75
.45
.00
.28
.24
.43
. 87
.34
.33
.51
.18
.09
.30
.18
.54
.49
.10

30
33
38

31.
29.
. 27.
36.
35.
34.
35.
35.
33.
29.
26.
26.
20,
26.
18.
19.
13.
20.
22.

14.
13.
13.
13.
14.
14.

84

13

.74
.05
.25
25
25
50
00
50
50
00
50
00
00
50
50
00
00
00
00
00
50
50
00
00
00
00
20
20

14.20
15.50
14.50
15.00
15.00
15.50
13.20
13.40




% For tests 1 to 15 inclusive, air flow was measured using a positive dis-

Test
No. V;;

1

2

3

4

5

6

7

8 .

9
10
11
12
13
14
15
16 0.693
17 1.471
18 1.745
19 2.033
20 2.395
21 0.045
22 0.559
23 2.955
24 3.365
25 3.445
26 3.805
27 3.961
28 4.170
29 4.270
30 4.490
31 4.390
32 3.990
33 3.730
34 3.205
35 2.935
36 2.555

TABLE IV

RATE OF AIR FLOW

da

1bs/ft3

0.0709

L0692 -

.0722
. 0692
. 0682
.0675
.0675
.0672
. 0672
.0673
.0673
0677
.0743
. 0687
. 0681
.0663
. 0653
. 0652
. 0652
. 0647
.0674
. 0663
. 0645
. 0647
. 0642
. 0646
. 0645
. 0645
. 0643
. 0642
. 0645
. 0641
. 0642
. 0645
. 0643
0.0650

V__ A

da {t/min.

0.258 2,920
.256 6,210
.256 7,480
.256 8,720
.254 10, 300
.260 1,902
.258 2,360
.254 12,730
.254 14,490
.253 14, 860
.254 16,400
.254 17,100
.254 17,990
.254 18,410
.253 19, 400
.254 18, 920
.253 17,250
.253 16,110
.254 13, 830
.254 12, 640

0.255 10, 980

Q

cfm

N0 W

12.
14.

20.
24.

21.
18.
15.

1.

6.

10.

32.
69.
.90
97.

83

.30
.00

58

.56
.98

34
93
13
55
60
47
23
90
81
02
70
70

80

115. 40

21.

26.

142.
162.
166.
183.

30
40
70
10

30

60 .

191. 60

201.

206.

217.
212.
193.
180.
155.

30
10
20
20
20
40
00

141.70

122.

80

85

w

1bs/hr

28.

41.
130.
272.
327.
382.
448.

86.
104.
552.
628.
642.
710.
740.
778.
795.
837.
820.
743.
694.
600.
546.
479.

cooocoocoocoocoocooPCococo¥YT"oooummPlPouWYurroT oo o P

placement meter, therefore, items marked * were not required for air

flow calculation.




TABLE V

HEAT LOSS BY AIR

86

-3,840.0

479.0

CoOO0 00O uUo o

Air Heat

Water Heat to Air Temp. Loss

Flow Water Flow Drop By Air

1bs/hr BTU/hr  lbs/hr °F BTU/hr
21 160.20 4.4 705.0 14,0 75.6 255.0
2 188.60 4.2 793.0 20.9 60.0 ~ 302.0
3 175. 64 4.0 702.6 6.8 83.8 138.0
4 164.72 5.1 840.1 23.0 60.7 337.5
5 169.96 5.3 900. 8 32.6 55.5 435.0
6 185.22 5.8 1,074.0 '50.0 52.2 v 629.0
7 244,46 4.8 1,175.0 60.4 45.2 ' 657.5
8 271.28 4.8 1,300.0 8l.1 44.8 . 875.0
9 287.68 4.9 1,408.0 98.8 41. 8 997.0
10 276.46 4.9 1,355.0 87.1 43.0 . 902.0
11 260,72 4,8 1,252.0 74.5 45,4 £14,0
12 236.72 4.9 1,155.0 61.9 45.5 628.
13 130.10 5.3 690.0 8.5 97.8 - 199.
14 148.72 6.0 893.0 28.0 56.6 ‘ 381.
15 168. 64 6.2 1,044.0 41,0 53.7 : 531.
16 231.54 6.0 1,749.0 130.0 39.2 1,229.
17 448.41 5.9 2,642.0 272.5 34.3 . 2,250,
18 359.34 8.6 3,090.0 327.0 32.6 - 2,572,
19 416.10 8.1 3,365.0 382.0 29.9 2,765,
20 334.65 11. 6 3,720.0 448.0 - 28.4 3,065,
21 250. 80 5.4 1,356.0 86.1 47.0 : 976.
22 264.00 5.8 1,530.0 104.9 - 42.8 1,084.0
23 377.00 10. 8 4,070.0 552.0 27.5 3,660.0
24 381.00 11. 8 4,490.0 628.0 . 26.8 4,070.0 .
25 402.70 11.8 . 4,750.0" 642.0 26.5 4,110.0
26 443.00 10.7 4,740.0" 710.0 25.5 4,370.0
27 480,50 10.3 4,950.0 740.0 21.7 3,860.0
28 475.00 10. 4 4,940.0 778.0 22.9 4,300.0
29 492.00 10.4  5,120.0 795.0 20.3 3,895.0
30 494,00 10.9 5,380.0 837.0 23.6 4,760.0 .
31 482,00 10.7 5,165.0 820.0 24.7 4,870.0
32 482.50 .10.5 = 5,060.0 743.0 23.6 . 4,230.0
33 466.00 10.5 4,890.0 694.0 22.2 . 3,710.0
34 422.50 10.4 4,400.0 600.0 26.3 3,760.0
35 386.00 11. 0 4,240.0 546.0 25,7 3,380.0
36 352.00 10.9 25.6 2,950.0




Test
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HEAT GAINED FROM SURROUNDINGS

Heat
Temp. To
Diff. Water
°F BTU/hr
32.4 705.
.32.5 793.
35.5 702.
37.2 840.
36.8 900.
38.0 1,074.2
37.0 1,175, 0
37.5 1,300.0
38.4 1,408.0
39.0 1,355.0
39.2 1,252.0
39.1. 1,155.0
32.9 .690.0
37.6 893.0
39.4 1,044.0
40.3 1,749.0
38.7 2,642.0
37.2 3,090.0
38.2 3,365.0
36.6 3,720.0
32.9 1,356.0
33.1 1,530.0
33.5 4,070.0
32.6 4,490.0
33.2 4,750.0
30.4 4,740.0
33.2 4,950.0
30.2 4,940.0
31.8 5,120.0
31.8 5,380.0
33.6 5,165.0
35.3 5,060.0
36.3 4,890.0
36.6 4,400.0
36.8 4,240.0
. 35.8 3,840.0

o O~ O O
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TABLE VI
Heat Heat
Loss From Average
By Air Surr. U to Surr. v
BTU/hr  BTU/hr  BTU/hr/°F/ft®
255.0 450.0 3.77
302.0 491.0 4.10
138.0 564.6 4.31
337.5 502.6 3.66
435.0 465.8 3.43
629.0 445.2 3.18
657.5 517.5 3.79
875.0 425.0 3.08
997.0 411.0 2.90
902.0 453.0 3.15
814.0 438.0 3.03
628.0 527.0 3.65
199.6 490.4 4.05
381.5 511.5 -3.70
531.0 514.0 3.55
1,229.0 520.0 3.54
2,250.0 392.0 2.75
2,572.0 518.0 - ° 3.77
2,765.0 600.0 4.24
3,065.0 655.0 4.78
976.0 380.0 3.13
1,084.0 446.0 3.65
3,660.0 | 410.0 3.32
4,070.0 420.0 3.48
4,110.0 640.0 5.25 -
4,370.0 370.0 3.30
3,860.0 1,090.0 9.75
4,300.0 - 640.0 5.79
3,895.0  1,225.0 10.50
4,760.0 °  620.0 5.22
4,870.0 295.0 2.38
4,230.0 830.0 6.38
3,710.0 1,170.0 8.73
3,760.0 640.0 4.72
3,380.0 860.0 6.32
2,950.0 6.74

890.0
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TABLE VII

REYNOLDS AND PRANDTL NUMBERS

Ave. Mass
Ave. ‘ Ave. Ky Vel.
Test Temp. Mb BTU G
No. oF b/hr/ft  hr/ft/OF  1bs/hr/ft® NRe Npr
1 137. 8 0.0482 0.0166 732 2,375 0 .700
2 145.2 . 0486 . 0168 1, 090 3,500 .697
3 131.9 . 0479 . 0164 356 1,164 .705
4 145.5 . 0486 . 0168 1,200 3,860 .698
5 150.2 .0489 . 0169 1,700 5,435 .698
6 154.6 .0490 . 0170 2,606 8,330 .695
7 150.9 . 0489 . 0169 3,150 10,070 .697
8 154.3 . 0492 . 0170 4,230 13,470 . 697
9 153.0 . 0492 .0170 5,150 16, 400 . 697
10 152.5 . 0491 . 0169 4,540 14, 470 .699
11 153.2 .0492 . 0170 3,890 12,380 .697
12 150.1 . 0490 . 0169 3,222 10, 310 .699
13 124.3 .0475 . 0163 44) 1,450 .703
14 147.7 . 0489 . 0169 1,462 4,680 .697
15 150. 6 . 0490 . 0169 2,135 6,830 .699
16 157.6 .0494 . 0171 6,780. 21,440 . 695
17 164.6 .0498 .0173 14,220 44,700 .697
18 165.6 .0499 . 0173 17,060 53,500  .695
19 164.4 .0498 .0173 - ¢ 19, 940 62,700 . 696
20 168.1 .0500 .0174 23,380 73,200 .695
21 153.3 . 0492 .0170 . 4,490 14,300 .. 698
22 160.5 .0496 .0172 5,470 17,230 .697
23 169.1 .0501 .0174 . 28,800 90,100 . 695
24 166.8 .0500 .0173 32,750 102,400 - .696
25 171. 4 . 0502 . 0174 33,500 104,300 .695
26 167.2 .0500 .0173- 37,000 115, 800 .696
27 166.5 .0500 .0173 38,600 121,000 .. 697 .
28 166.3 .0500 .0173 40,600 127,600 <. 697 :
29 165.2 . 0499 .0173 41,400 130, 000 .696
30 169.8 .0502 . 0174 43,600 135,900 .696
31° 167.1 . 0500 . 0173 42,700 133,500 .698
32 170.7 . 0503 L0174 38,700 120,200 .696
33 168.9 .0501 . 0174 - 36,150 112, 800 .695
34 169.3 - .0501 .0174 31,300 97, 800 .695
35 168.3 .0501 .0174 28,500 88, 900 . 695
36

164. 4 0.0499 0.0173 ' 24,900 - 78,200 0.697



Test
No.
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CALCULATED RESULTS FROM TEST DATA’

TABLE VIII

89 :

- Ny, N
NRe NPrO' ¢ NPr1/3 NNug Np > T\*%alw
2,375 0.867 0.888 13.7 15.8 15. 4
3,500 . 864 .888 14.5 16.8 16.3
1,164 . 868 . 890 8.1 9.4 9.1
3, 860 . 866 . 887 15.9 18.4 17.9
5,435 . 866 . 887 19.4 22.4 21.9
8,330 . 864 . 886 27.0 31.2, 30.5
10,070 . 864 . 888 28.7 33.2 32.4
13,470 864 .888 36.9 42.8 41.7
16,400 . 864 .888 42,8 49.7 48.3
14,470 . 866 . 888 39.1 45.2 44,1
12,380 . 864 .888 35.7 41.3 41.3
10, 310 . 866 .888 29.0 33.5 32.7
1,450 . 868 . 889 14.0 16.2 15. 7
4,680 . 864 . 888 17. 4 20.2 19.6
6, 830 . 866 .888 23.9 27.6 26.9
21, 440 . 864 . 886 51.1 59.2 57.7
44,700 . 864 .888 87.8 101. 9 98.9
53,500 . 864 - . 886 101. 0 116.3 114.0
62,700 . 865 . 886 110. 6 127.9 124.9
73,200 . 864 .886 120.5 139.4 136.0
14,300 . 866 . 887 42.4 48.9 47.8
17,230 . 864 . 888 43.6 50.5 49.1
90, 100 . 864 .886 141. 0 162.4 159.1
102,400 . 865 . 886 164.1 190.0  185.2
104,300 . 864 . 886 153.3 177.1 173.0
115, 800 . 865 . 886 174.5 201.5 197.0
121, 000 . 864 .888 153.2 177.5 172.5
127, 600 . 864 . 888 174.0 201.2 196.0
130,000 . 865 . 886 155. 4 179.8 175.5
135,900 . 865 . 886 183.3 212.0 207.0
133, 500 . 866 . 887 195. 8 225.9 220.5
120,200 . 865 . 886 162.0 187.4 182.9
112, 800 . 864 . 886 142.7 165.2 161.0
97, 800 . 864 . 886 144.5 167.2 163.0
88,900 . 864 . 886 134.0 155.2 151.1
78,200 0.864 0.888 122.70 141..3 137. 4



Test LMTD

 No.

TABLE IX

AVERAGE HEAT TRANSFER COEFFICIENT

(o]

F
1 90.2
2 99.5
3 84.7
4 101. 3
5 106. 8
6 110. 7
7 110. 7
8 12.7
9 110.7
10 110.1
11 110. 4
12 107.1
13 70.8
14 103.4
15 106.0
16 113.6
17 121.6
18 121.0
19 121. 8
20 125.0
21 109. 8
22 117.4
23 124.1
24 120.0
25 129.3
26 121.6
27 121.3
28 119. 8
29 121.1
30 126.0
31 122.0
32 125.6
33 124.6
34 125.0
35 122.7
36 120.0

AND AVERAGE NUSSELT NUMBER

90

. Heat
From Ua h, K NNua
Air BTU BTU BTU haD
BTU/hr hr/ft¢/°F hr/ft“/°F hr/ft/OF K
255.0 1.45 1. 46 0.0166 13.70
302.0 1.55 1.56 .0168 14.50
138.0 .83 .85 . 0164 . 8.13
337.5 1.70 1.71 . 0168 15.90
435.0 . 2.08 2.09 .0169 19.40
629.0 2.90 2.92 . 0170 27.00
657.5 3.08 3.11 . 0169 28.70
875.0 3.97 4,02 .0170 36.90
997.0 4.60 4.66 . 0170 42. 80
902.0°  4.20 4.25 . 0169 39.10
814.0 3.85 3.89 . 0170 35.70
628.0 3.11 3.14 . 0169 29.00
199.6 1.45 1.46 . 0163 14.00
381.5 1.88 1.89 . 0169 17.42
531.0 2.57 2.59 . 0169 23.90
1,229.0 5.52 5.60 L0171 51.10
2,250.0 9.45 9.70 .0173 87. 80
2,572.0 10. 83 11.19 .0173 101. 00
2,765.0 11. 60 12.22 .0173 110. 60
3,065.0 12.55 13.40 .0174 120.50
976.0 4.54 4.62 . 0170 42.40
1,084.0 4.72- 4.79 .0172 43.60
3,660.0 15.08 15.72 . 0174 141. 00
4,070.0 17.32 18.20 .0173 164.10
4,110.0 16.28 17.08 L0174 153.30
4,370.0 18.38 19.35 L0173 174.50
3,860.0 16.22 17.00 . 0173 153.20
4,300.0 18.34 19.30 .0173 174.00
3,895.0 16.43 17.22 . 0173 155.40
4,760.0 19.30 20.40 .0174 183.30
4,870.0 20.40 21.45 . 0173 195. 80
4,230.0 17.20 18.05 .0174 162.00
3,710.0 15.20 15. 89 L0174 142.70
3,760.0 15.38 16.10 L0174 144.50
3,380.0 14.09 14. 90 L0174 134.00
2,950.0 12.54 13.48 0.0173 122.00
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TABLE X

VISCOSITY FACTOR

Test Pp o Pw 0.14 0.14
No. 1b/hr/ft 1b/hr/ft Bh/bw  (Bp/Py) (Bw/1b)

1 0.0482 0.0425 1.132 1.018 0.984

2 . 0486 .0425 1.142 1.019° .982

3 .0479 L0426 1.123 1.016 .986

4 . 0486 . 0426 1.140 1.019 .982

5 .0489 . 0426 1.146 1.019 .981

6 ..0490 . 0426 1.150 1.020 .980

7 .0489 .0425 1.150 1.020 -.980

8 .0492 .0425 1.156 1.021 .979

9 . 0492 . 0426 1.154 1.020 .979

10 . 0491 . 0426 - 1.152 1.020 .979

11 .0492 .0426 1.153 1.020 .979
12 .0490 . 0426 1.150 1.020 .980

13 . 0475 . 0427 1.112 1.015 .987

14 .0489 . 0426 - 1.147 1.019 .981
15 . 0490 .0426 1.150 1.020 .980

16 . 0494 1.0426 1.160 1.021 .978

17 .0498 . 0426 1.170 1.022 .977

18 . 0499 L0427, 1.168 1.022 ‘ - .977
19 .0498 .0427 1.168 1.022 .977
20 . .0500 - .0427 1.170 1.022 - .977

21 .0492 .0426 . 1.154 1.020 - .979
22 . 0496 . 0426 1.164 1.022 .978

23 . 0501 . 0427 1.173 1.023 ‘ .977
24 .0500 .0427 1.170 1.022 .977
25 .0502 L0427 - 1.176 1.030 .972
26 . 0500 .0427 1.170 1.022 .977
27 . 0500 .0427 1.170 1.022° .977
28 .0500 .0427 1.170 1.022 .977
29 . 0499 .0427 1.168 1.022 .977
30 .0502 . 0427 ' 1.176 - 1.029 .972

31 .0500 . 0427 1.170 1.022 .977
32 . 0501 _ . 0427 1.173 1.023 .977
33 L0501 . 0427 1.173 1.023 .977
34 .0501 . 0427 1.173 1.023 .977 :
35 .0501 L0427 1.173 1.023 .977

36 0.0499 0.0427 1.168 1.020 0.977
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TABLE XI

CALCULATED RESULTS FROM TEST DATA

Test NNn NNu
No. Npr1/3(pbmw9.14 Npp /3 (/o) O H(D /1) /18
1 15.2 .18.2
2 16.0 19.2
3 9.0 10.7
4 17.6 21.1
5 21.5 25.7
6 . 29.9 35.8
7 31.8 38.1
8 40.8 48.8
9 47.3 56.7
10 43.2 51.7
11 40.6 48.6
12 32.0 '38.3
13 15.5 18.5
14 19.3 23.1
15 26.4 30.4
16 56.6 67.7
17 96.7 115.7
18 111. 3 . 133.3
19 122.0 ’ 145.9
20 133.0 159.0
21 46.9 : 56.2
22 48.0 ' 57.3
23 155.5 _ 185.5
24 181.2 . 217.0
25 168.0 - 201.0
26 192.5 : 230.0
27 168.8 201.5
28 191.5 . 229.0 .
29 171. 8 205.0
30 201.3 : 240.0
31 214.5 ' 257.0 e
32 178.5 : 213.0
33 157.5 , 188.2
34 159.5 190.6
35 147.7 , 176.5
36 134.9 . ©161.0



TABLE XII

CALCULATED RESULTS FROM TEST DATA

93

—

Test 5 ' Ngt Npr2/3
No. NRe Nnpu NprNge Ngt Ny /2 % (e /1) 14
1 2,375 13.70 1, 660 0.00820  0.976 0.00786
2 3,500 14.50 2,438 .00595 .976 .00569
3 1,164 8.13 822 .00990 .977 .00952
4 3, 860 15.90 2,695 .00591 .976 .00565
5 5,435 19.40 3,792 .00512 .976 .00489
6 8,330 27.00 5,780 .00467 .976 .00446
7 10,070 28.70 7,005 .00410 .976 .00391
8 13,470 36.90 9,380 .00394 .976 .00376
9 16,400 42,80 11, 420 .00374 .976 .00357
10 14,470 39.10 10,100 . .00387 .977 .00369
11 12,380 35.70 8,630 .00413 .977 .00394
2 10, 310 29.00 7,210 .00402 .977 .00384
13 1,450 14.00 1,020 . 01310 .977 .01260
14 4,680 17.42 3,260 .00534 977 .00511
15 6,830 23.90 4,770 .00500 .977 .00478
16 21, 440 51.10 14, 910 .00342 .977 .00326
17 44,700 87.80 31,100 .00282 .977 .00269
18 53,500.  101.00 37,150 .00272 .977 .00259
19 62,700 110. 60 - 43,600 .00254 .977 .00241
20 73,200 120.50 50, 800 .00237 .977 .00226
21 14,300 42,40 9,980 .00425 .977 .00406
22 17,230 43.60 12,020 .00363 .977 .00346
23 90,100 141. 00 62,700 .00225 .977 .00215
24 102,400 164.10 71,300 . .00230 .977 .00220
25 104,300 153.30 72,600 .00211 .977 .00199
26 115, 800 174.50 80,500 .00217 .977 .00206
27 121, 000 153.20 84,300 .00182 .977 .00173
28 127, 600 174.00 88,900 . 00196 .977 . 00187
29 130,000 155.40 90,500 .00172 .977 .00164
30 135, 900 183.30 94,500 .00194 .977 . 00184
31 133,500 195. 80 93,200 .00210 .977 .00201
32 120,200 162.00 83, 800 .00193 .977 .00183
33 112, 800 142.70 78,300 .00182 .977 .00173
34 97, 800 144.50 68,000 .00213 .977 .00202
35 88,900 134.00 61, 750 .00217 .977 .00206
36 78,200 122.00 54,450 0.00225 0.977 - 0.00213
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Section

13
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Test No.

Section

N W O~ 00 @

LOCAL HEAT TRANSFER COEFFICIENT
IN EACH SECTION

01
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20

80.0
26.0
19.9
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24

98.0
35.6
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26.9
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TABLE XIII
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o
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HNOOR R OWVH 100
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87.0
31.8
26.1
26.3
26.9
28.1
22.8
23.5
18. 6
24.2
19.7
18. 9
21.8

13
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N
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31

102.0
37.3
31.6
27.8
27.3
29.2
24.9
25.3
21.2
24.8
23.2

22.1

22.6

16
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34

103.2
31.0
24.7
26.4
26.1
25.4
22.7
23.1
18.6
21.7
19.2
17.0
18.9

.94

18

95.3
22.9
17.5
17.1
13.2
13.3
14.4
14.3
11.2
12.7
12.5
10.6
14. 8

36

104.2
31.0
24.2
22.8

22.9
21.8
20.0
19.9
17.1
18.8
17.9
14.9
18.0




Test No.

Npe Np»

Section

H WS oy~ oo ©

Test No. .

Npe Npy
Section
13

12
11

—
o

N OW o U1 O~ 00O

x/D

0.534
1.068
2.136
3.200
4.790
6.40
8.26
10.40

13. 05

15.75
18.45
21.65

25.10

x/D

0.534
1.068
2.136
3.200
4.790
6.40
8.26
10.40
13.05
15.75
18.45
21.65
25.10

TABLE XIV

PECLET NUMBERS

1,660

olx

.64
.28
.92
.88
.84
.95
.23
.84
.45
01

= _
H O N WD OO

13.00

15.10

10
10,100

X

D NRﬁ_NFw

0.534
1.056
2.101
3.160
4.730
6.350
8.180
10.30
12.91

.15.60

18.27
21.40
24.90

3,792

Nre Np,

0.14
0.28
0.56
0. 84
1.26
1.68
2.18
2.74
. 3.44
4.15
4.86
5.70
6.60

18
37,150

1

0.144
0.288
0.577
0.863
1.29
1.73
2.23
2.81
3.53
4.26
4.98
5.87
6.78

x 10

13
1,020

3
x 10

0.43
0.85
1.71
2.56
3.83
5.10
6.60
8.16
10.40
12. 60
14.70
17.30
20.00

20

50, 800
4

0.105
0.210
0.420
0.629

.26
.63
.05
2.57
3.10
3.64
4.27
4.94

N O

. 943

31

93,200

0.057
0.114
0.228
0.343
0.512
0.685

- 0.884

1.110
1.400
1.680
1. 970
2.320
2.690




LOCAL NUSSELT NUMBER
IN EACH SECTION

Test No. 1 5
Section
13 458.0 688.0
12 70.0 76.6
11 . 26.6 39.6
10 29.2 47.0
9 22.3 35.7
8 20.4 30.8
7 21. 4 34.4
6 17. 4 28.5
5 14.0 22.8
-4 10.6 27.4
3 8.1 22.4
2 20.0
1 32.0 " 53,2
Test No. 20 24
Section
13 ~709.0 869.0
12 232.0 317.0
11 - 177.5 250.0
10 148.5 241.0
9 151.7 227.0
8 139.0 224.5
7 139.0 205.0
6 134.3 184.0
5 125.0 166.0
4 131.1. 176.1
3 118.5 . 170.6
2 111.0 161.5
1 141.1 172.5

TABLE XV

10

602.0
80.8
54.6
61.0
43.2
46.1
44.5
46.2
31.6
31.3
24.6 .
30.2
78.0

26

772.0
283.0
233.0
236.0
232.0
254.0
203.0
212.0
170.0

222.0

180.6
173.5
201.0

13

572.0
71.7
22.5
30.3
21.2
19. 4
19.0
18.4
13.5
15.3
12.7

48.0

31

903.0
333.0
284.0
249.0
245.0
264.0
224.5
228.0
193.5
227.0
213.0
203.0
209.0

16

615.0
134.6
76.0
72.7
73.9
70,3
69.7
52.6

54.8

45.5

45.0

51.0
79.3

34

908.
275,
220,
237.
234.
230.
205,
210.
168.
198.
175.
156.
173.

COoOO0 OV O o000 oo

96

18

844.0
204.0
156.3
152.5
118.0
120.0
130.0
128.9
102.1
116.5
114.9
97.5
137.0

36

929.0
276.0
218.0
205.0
206.5
196.0
181.5

180.0
156.0
171.5

164.5
137.0

| 166.5
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Wb W

DATA FOR LAMINAR FLOW RANGE

TABLE XVI

97

1/3 0.14 SN

Npe Ny (D/L) (b /p) (D7 L) (pp I pg) V- 14
1,660 -+ 13.70 0.341 1.018 39.70
2,438 14.50 0.341 1.019 41. 80
822 8.13 0.341 1.016 23.45
2,695  15.90 0.341 1.019 46.00
1,020 14.00 0.341 1.015 40.50
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ERROR ANALYSES
SAMPLE CALCULATION

Mass Flow W.

For test #23

Variations in successive readings of h,, at the same point of
the impact tube traverse were sgch that h,, varied from
2. 705 to 2. 795 for position #8 in the traverse, i.e. variation =
.09/2.70 x100 = 3.3%
For position #10 = . 06/ 2. 02 x 100 = 2. 9%
Possible error in mass flow measurement + 3. 0%

Heat Gained by Water

Temperature Rise

Test #5 temperature rise = 5.3

°p

reading accuracy = 0. 1OF
% error = 0.1/5.3 x 100 = 1. 9% say 2%

Water Flow

Test #5 Water collected per bucket - approximately 10 1lbs.

reading accuracy . 0l 1lbs.

% error = . 01/10 x 100 = 0.1% (negligible)

Possible error in heat gained by water + 2%

Heat Lioss by Air in Inner Pipe

Error in temperature drop through test section consists of
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error in inlet temperature plus error in discharge temperature,

Error in Inlet Temperature:

Test #5
Inlet temperature = t + €. + :c]
. ] o 2 /

where ti = tank temperature = 175. 7°F

t.
J

i

jacket temperature = 180. 0°F
tp = by-pass temperature = 180. 3°F
(t; + 1)/ 2 = 180.15°F
Therefore error = (180.15 - 175.7)/2 = 2.2°F
Temperature dfop through test section (Teble_V) = 55, 5°F
% error = 2.2/55.5 x 100 =_-tjk__0_%__
Test #35
(tj + tb)/Z = 183.5
t, = 177.5 -
Therefore error = (183.5 - 177.5)/2 = 3. 0°F
Temperature drop through test section (Table V)i= 25. 7°F
% error = 3,0/25.7= + 11.7% |

Error in Discharge Temperature:

o

Reading error + 0.5 F
Test #5, temperature drop through test section = 55. 5°F
Therefore % error = 0,5/55.5 x 100 = 0. 9%

Test #35, temperature drop = 25, 7°F
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% error = 0.5/25.7x100=1.9%

Error Due to Temperature Measurement Being Made a Short

Length After the Test Section:

For test #16

3  x 4.5 x 20 x 100 = 0.90%
47.125 5.6 113.6 .

where 3/47.125 = ratio of lengths

4.5 = local hy at end of section (Figure 22)
5.6 average hy for test section

20/113. 6 = ratio of temperature difference to jacket vs. annulus

For test #26

3 « 18 x 20 x100= 0.97% sayl%
47,125 19. 35 121, 6

Total possible error in discharge temperature reading =
1.9% +1.0=2.9%

Adding this to possible error in inlet temperature yields a
total possible error in terﬁperature drqp of 1.7+ 2.9 =14. 6%

‘Combining with possible error in mass flow measurement, -
yields an error in heat loss by air of:

1.03 x 114. 6 =118, 0 = +18%

4, Heat Gained from Surroundings

The error in heat gained from surroundings consists of sum
of errors in air and water heat gain or loss:

2+18 = 20%
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5. L. M,T.D,
For test #5
Maximum error in inlet air temperature = 2, 2°F

Maximum error in outlet water temperature = 0. 1°F

Maximum error in outlet air temperature:

I

2. 9% % temperature drop

0.029 x 55.5 = 1, 6°F
‘Maximum error in ihlet water témperature = 0.1°F
Consequently, calculation for L, M., T.D. would yield

L.M. T.D, = (177. 9+2.2) - (44.1-0.1) - (122.4+L. 6) - (38. 8+0.1)
Ln AT hot/AT cold

= (180.1 - 44.0) -(124.0 - 38.9)
Ln 136.1/85.1

= 51. 0 = 108. 8°F
0. 47

Note: this is within 2° of calculated value
Therefore % error in L, M, T.D, =1.8%

6. Average Overall Heat Transfer Coefficient U,

This is a product of the error in the calculation of heat from
air and the L, M, T, D,
i, e, 118,0 x 101. 8 =120. 0

i. e. Maximum possible error = 20%

7. Average Heat Transfer Coefficient h

As ha is calculated from the relation
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1 = _1 - (factor dependent on bw)
hy U,
h, varies directly as U, providing 1 is large compared to
’ U
a

the factor due to hW
for hW = 400 and test #31
check effect on ha if Ua is inéreased by 20%

1 = 1 - .0029 = 0, 0379
h, 20.40x1L2

25.8/21.7 %100 =119%

Consequently h, is also subject to 20% error.

For test #31 at hy = 100

1= 1 - . 0104 = . 0304
h, 20.40x 1.2
h, = 32.9

This is 32.9/25.9 x 100 = 127%

Therefore a 20% error in U, results in a 27% error in ha'

Calculation of U. to Surroundings

The area used in the calculation of U  should have included
the water supply header and the individual supply lines, conse-
quently the area should have been 6.13 ft% in lieu of 3. 69ft2. |

The values of Ug would thus be only 60% of the values tabulated

in Table VI.
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The value of U  is subject to the same error as the heat

gained from surroundings calculated in item 4 as 20%.

Prandtl Number

Error negligible as data read directly from published data.

- Average Nusselt Number

Subject to same errors as h, calculated in item 7.

Local Heat Transfer Coefficient

‘Error in calculation of AT, includes error in heat from sur-
roundings (20%) and error in mass flow (3%) .
Therefore error = 1. 20 % 1.03 =123 i.e. 23%
U is calculated from heat by water (error 2%) less heat from
surroundings (error 20%)
Therefore error in U = 2 + 20 = 22%
Error in hy, as ﬁoted in item 7 is dep‘endent on error of U and

assumed value of hW

Comparison of Calculated Heat Gain From Surroundings Using

Publistied Data for Ug

From McAdamsS, the combined free convection and radiation
loss or gain from room to pipe corre'sponding to a temperature
difference of 40°F is 1. 84 BTU/hr/ft%/°F.

The test accx.lracy can be verified by checki.ﬁg heat balance

across the test section, to obtain heat from surroundings, using
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2
an area of 6.13 ft (see item 8).
Test #1

Heat from surroundings from test results = 450 BTU/hr

From published data = 1,84 x 6,13 x 32,4 = 365 BTU/hr

This is 365/450.0 x 100

I

81.2% of calculated,
Test #5
From test results = 465,8 BTU/hr

From published data = 1,84 x 6.13 x 36,8

1

414 BTU /hr
Accuracy = 414/465.8 x 100 = 88.0%
Test #16

From test results = 520.0 BTU/hr

Fron;.publi.shecl. data = 1.84 x 6.13 x 40,3 = 455.0 BTU /hr
Accuracy = 455.0/520, OIX 100 = 87.5%
Test #24 |
From test results = 420.0 BTU/hr

From published data = 1,84 x 6,13 x 32,6 = 368.0 BTU/hr

1

Accuracy = 368.0/420.0 x 100 = 87,5%
Test #34

From test results = 640,0 BTU/hr

From published data = 1,84 x 6.13 x 36,6 = 412 BTU/hr

Accuracy = 412/640 x 100 = 64, 3%

Effect of hy, of 50 on calculated value of hy -

Further to sample calculation item 7.




Test #1
1 =1 - {1 + .ooo4>
h, U, 50
= 1 - .0204 = 0.6646
1.45
h, = 1.49

This is only 2% higher than when hw assumed as 500,

Test #19
1 = 1 - 0.0204 = 0.0645
h,  11.60
ha = 15,50

This is 26,9% higher than when hy, assumed as 500,

Test #31

1 = 1 - 0,0204 = .0286
h,  20.40 '

h, = 35.0

This is 61.1% higher than when h, assumed as 500,

Check on Correct Range for h,

- By Natural Convection

Using an alignment chart from McAdamsS.

116

Temperature difference between water in annulus and inner pipe

_for test #31 = 122°F

PZAT = 1x122 = 63,3

D 1.93

where P = pressure in atmospheres=1



AT

D

1

from alignment chart b = 35

diameter of inner pipe = 1.93"

temperature difference = 122°F
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Using Relation by McAdams for Flow of Liquids Normal to a

. Horizontal Cylinder.

0.52

Y =0.35+0.56 X"

where X= DVP

TR
D = outside diameter of inner pipe = 0.061 ft.
P =
p=at 45°F
V = velocity in annulus
K = at 45°F
Cp=

Check velocity through section 6 for test #30

Y = hy D/K

= 3.73 lbs/hr/ft

= 0.324

62.5 1bs /ft>

1

Area of annulué for section 6 = 0,0431 £t

Water flow = 16,50 1bs/20 min, = 0,825 lbs/min.

Velocity

X - -

1l

)

1

i

il

0.0132 ft3/ min

.0132/.0431 = 0,307 ft/min = 18.4 ft/hr

0.161 x 18.4 x 62,5 = 49.7

3.73
0.35+ 0.56 x 49.7

4,61

0.52

2
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Solving for h, vields

hy, = 4.6l x (Lx 3.73/.324)0"3 x 0.324
0.161

hy =19.3
It follows that a value of hw in the range of 50 or less should

have been used ih the calculations.



